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ABSTRACT

Fluid catalytic cracking unit (FCCU) plays most important role in the
economy of amodern refinery asit is used for value addition to the refinery products.
Crude ail, as produced from the ground, contains hydrocarbons ranging from light
gases and LPG to residues boiling above 343 °C (650 °F). Products of various boiling
ranges can be obtained by distillation. Compared to the products demand, crude ail is
short of lighter material in the boiling range of the transportation fuel (gasoline and
diesel) and long on heavier material. Fluid catalytic cracking (FCC) units convert a
portion of this heavy material into lighter products, chiefly gasoline and middle
distillates.

Because of the importance of FCCU in refining, considerable effort has been
done on the modeling of this unit for better understanding and improved productivity.
In last fifty years, the mathematical modeling of FCC unit have matured in many
ways but the modeling continues to evolve to improve the closeness of models’
predictions with the real process whose hardware is ever-changing to meet the needs
of petroleum refining.

The FCC unit comprise of three stages: a riser reactor, a catalyst stripper, and
a regenerator (along with other accessories). From modeling point of view, the riser
reactor is of prime importance amongst these stages. Detailed modeling of the riser
reactor is a challenging task for theoretical investigators not only due to complex
hydrodynamics and the fact that there are thousands of unknown hydrocarbons in the
FCC feed but also because of the involvement of different types of reactions taking
place simultaneoudly. In the present work a new kinetic model of the riser reactor is
developed using the common assumptions made by various researchers on various
aspects of the riser modeling.

The traditional and global approach of cracking kinetics is lumping.
Mathematical models dealing with riser kinetics can be categorized into two main
types. In one category the lumps are made on the basis of boiling range of feed stocks
and corresponding products in the reaction system. This kind of model has an
increasing trend in the number of lumps of the cracked gas components. The other

approach is that in which the lumps are made on the basis of molecular structure



characteristics of hydrocarbon group composition in reaction system. This category of
models emphasizes on more detailed description of the feedstock. Theses models do
not include chemical data such as type of reaction and reaction stoichiometry. The
number of Kinetic constants in these models increases very rapidly with the number of
lumps. Moreover, the values of kinetic constants depend on the feedstock composition
and must be determined for each combination of feedstock and catalyst. All these
models assume that FCC feed and products are made of a certain number of lumps,
and kinetic parameters for these lumps are estimated empirically considering the
conversion of one lump to the other. In both of these categories, however, reaction
kinetics being considered is that of ‘conversion’ of one lump to another and not the
‘cracking’ of an individual lump.

More recently, models based upon ‘single-events’ cracking, structure oriented
lumping, and reactions in continuous mixture were proposed by various researchers.
Nevertheless, the application of these models to catalytic cracking of industrial
feedstocks (vacuum gas ail), is not realized because of the analytical complexities and
computational limitations.

In the present work, a new approach of kinetic scheme for the FCC riser is
introduced which considers cracking of one lump (pseudocomponent) giving two
other lumps in one single reaction step. The proposed model falls under the first
category in which lumps are formed on the basis of boiling point, but in this approach,
each individual lump is considered as a pure component with known physico-
chemical properties. Also, the reaction stoichiometry is considered. The proposed
model aso incorporates two phase flow and catalyst deactivation. Since a new
cracking reaction mechanism is introduced, a new semi empirical approach based on
normal probability distribution is also developed to estimate the cracking reactions’
rate constants.

The pseudocomponents based approach for design and simulation of crude
digtillation unit is highly successful. To apply this approach to FCC simulation, it is
assumed that one mole of a pseudocomponent on cracking gives one mole each of two
other pseudocomponents and some amount of coke may also form. The feasibility of a
cracking reaction is found by using the stoichiometry of that reaction. The reactions
for which the molecular weight of a cracking pseudocomponent is equal to or more
than the probable product pseudocomponents are considered feasible. In the present

work, a new semi-empirical scheme for the estimation of rate constants is developed.



This scheme makes the kinetic model more versatile. Six tunable parameters have
been introduced to adjust more than ten thousand reaction rate constants needed to
explain complete reaction mechanism in atypical FCC riser reactor.

Riser reactor is conceptualized as having a number of small volume elements
placed one over the other. The conditions at the inlet of the first volume element are
known. The material and energy balance equations are solved in the volume elements
considering the proposed reaction kinetics, two phase hydrodynamics, and catalyst
deactivation. The various products’ yields, catalyst activity, and riser temperature are
predicted all along the riser height. Plant data reported in the literature is used for the
validation of the developed model. A sensitivity analysis of the proposed tuning
parameters is done which suggested that the products’ yields were insensitive to one
tuning parameter out of the proposed six tuning parameters. Also, the value obtained
for one of the tuning parameter out of the proposed six tuning parameters was zero.
These two tuning parameters were than dropped for the subsequent case studies for
the simulation of the riser reactor and FCC unit.

A regenerator model adopted from the literature is integrated with the
proposed riser model to simulate the entire FCC unit. The steady state smulation of
the FCC unit is then done to study the effect of various operating parameters on the
performance of this unit.

The work done in this study is organized into five chapters. The introduction
of the fluid catalytic cracking (FCC) process/unit is presented in the first chapter, a
literature review on the modeling and simulation of FCC unit follows in the second
chapter.

Chapter 3 deas with the riser model development. A regenerator model based
on the model of Arbel et al. (1995) is also presented. In the last section the riser model
and regenerator model are integrated to simulate the FCC unit.

Results of the riser simulation, regenerator simulation, and entire FCC unit’s
simulation are presented and discussed in Chapter 4. The tuning parameters of the
riser kinetic model are obtained using the plant data reported in literature. Then the
sensitivity analysis is done by tracking the effect of change in products’ yields with
the change in each tuning parameter’s value (keeping other tuning parameters same).
The less sensitive tuning parameters were dropped for subsequent simulations. Riser
reactor model is validated by comparing with the plant data (reported in literature for

different plants) and with an already existing riser reactor model’s results.

Vi



Regenerator simulation and comparison of regenerator model’s results with the plant
data are also presented in this chapter. The steady state simulation results of entire
FCC unit along with the effect of changing C/O ratio and air flow to the regenerator
on the process parametersis also included in this chapter.

Chapter 5 summarizes the conclusions drawn from the study. Also, it is
proposed that the proposed kinetic modeling approach for the riser kinetics may be
used for the more advanced modeling of the FCC unit. Integration of this detailed
kinetic scheme (any number of pseudocomponents) with the other aspects of riser
modeling (hydrodynamics, heat and mass transfer, catalyst deactivation etc.) is easier
as compared to other detailed kinetic models, as the resulting material and energy

balance equations are easier to handle and solve.
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Chapter - 1

INTRODUCTION

Fluid catalytic cracking is the primary conversion unit in many petroleum
refineries. Crude ail, as produced from the ground, contains hydrocarbons ranging
from light gases and LPG to residues boiling above 343 °C (650 °F). Products of
various boiling ranges can be produced by distillation. Compared to the products
demand, crude ail is short of lighter material in the boiling range of the transportation
fuel (gasoline and diesel) and long on heavier material. Fluid catalytic cracking (FCC)
units convert a portion of this heavy material into lighter products, chiefly gasoline
and middle distillates.

Figure 1.1 is a block flow diagram for a typical high conversion refinery.
Crude oil is distilled in an atmospheric ditillation unit to produce LPG, naphthas,
kerosene, and diesel oil. The residue from the atmospheric distillation unit is fed to
the vacuum distillation unit where it is separated into vacuum gas oils and vacuum
residue. The heavy vacuum gas oil, which normally constitutes 25-30% of the total
crude oil volume, is fed to the fluid catalytic cracking unit (FCCU) where it is
converted into lighter products.

The heavy vacuum gas oil (VGO) has a boiling range of 343 °C (650 °F) to
565 °C (1050 °F). In addition to the VGO awide range of feedstocks can be processed
in FCC units such as hydrotreated gas oils, cracked gas oils, and deasphalted oils. The
ability of the FCC to process this wide range of feeds into useful products has led to
its use as the “garbage disposal” of the refinery. Feedstock quality can vary
considerably from unit-to-unit. Even the units that process “traditional” gas oil feeds
can see considerable variation in feed quality. Table 1.1 contains typical properties for
different gas oils.

There are approximately 400 catalytic crackers operating worldwide, with a
total processing capacity of over 45,000 m*/day (12 million barrels per day). Several
oil companies, such as Exxon, Shell, and TOTAL, have their own designs, however,
most of the current operating units have been designed or revamped by three
engineering companies. UOP, M.W. Kellogg, and Stone & Webster. Although the
mechanical configuration of individual FCC units may be different, their common

objectives are to upgrade |ow-val ue feedstocks to more valuable products.
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Table 1.1: Gasoil properties

Specific Gravity 0.89-0.93
Sulfur, wt% 0.30-2.00
Nitrogen, wt% 0.07-2.00
Conardson Carbon, wt% 0.00-0.20

1.1 FCC Process Description

All modern FCC units consists of two basic components, a riser reactor in
which the catalyst is brought in contact with the feed (gas oil), and a regenerator in
which the coke deposited on the catalyst during the cracking reactions is burned off
for regenerating the catalyst. A schematic of FCC unit is shown in Fig. 1.2. Other
auxiliary units such as feed preheat and flue gas systems are also required for control

and optimal operation of this unit.

1.1.1 Feed preheat system

The refinery produced gas oil and supplemental feedstocks are generally
combined and sent to a surge drum which provides a steady flow of feed to the FCC
unit’s charge pumps. This drum can also serve as a device to separate any water or
vapor that may be present in the feed stocks.

From the surge drum, the feed is normally heated to a temperature of 270-375
°%C (550-700 °F). This is usualy done by heat exchange with intermediate heat
removal pumparounds from the main fractionator. While feed preheat system may
differ greatly from unit to unit, the feed is normally heated by exchange with the light
cycle oil, heavy cycle oil, or bottom pumparounds. This raises the feed temperature to
150-260 °C (300-500 °F) which is generally sufficient for most FCCUs. In some
cases, however, fired heaters are also used to preheat the feed.

1.1.2 Reactor

Rector-regenerator section is the heart of the FCC unit. Schematic of reactor
and regenerator is shown in Fig. 1.2. Almost all reactors presently in use consist of a
riser, in which there is short contact time (less than 5 seconds) of catalyst and feed.
Virtually al the cracking reactions occur in the riser over this short time period before
the catalyst and the products are separated in the reactor. However, some thermal and

non-sel ective catal ytic cracking reactions continue to occur in the reactor housing.




From the preheater, the feed enters the riser near the base where it comes in
contact with the hot regenerated catalyst coming from the regenerator. The ratio of
catalyst to oil is normally kept in the range of 4:1 to 9:1 by weight. The heat carried
by the catalyst coming from the regenerator provides the energy to heat and vaporize
the feed, and the energy required for the endothermic cracking reactions occurring in
the riser. The cracking reactions start instantaneously in the vapor phase as soon as
the feed is vaporized. The expanding volume of the vapors that are generated by
vaporization and cracking lift the catalyst and carry it up in the riser. Overall these
cracking reactions are endothermic and thus, the temperature in the riser decreases as
the reaction progresses. Typical riser dimensions are about half a meter to 2 metersin
diameter and 20 to 35 meters in length. The ideal riser smulates a plug flow reactor,
where the catalyst and the vapor travel along the length of the riser at the same
velocity with minimum back-mixing. However, in real casesthere is considerable dip
and back mixing of catalyst particles.

Efficient contact of feed and catalyst is critical for the desired cracking
reactions. Steam is introduced to atomize the feed. The atomization of feed increases
the availability of feed at the reactive acid sites of the catalyst. In the presence of a
high-activity zeolite catalyst, virtually all of the cracking reactions take place in the
riser in two to four seconds time frame. Risers are normally designed for an outlet
vapor velocity of 15 to 25 m/s, with an average hydrocarbon residence time of about
two second (based on outlet conditions). As a consequence of the cracking reactions,
a hydrogen deficient material called coke is deposited on the catalyst that reduces its
activity.

At the end of the riser, the product vapors and the catalyst flow through a riser
termination device (RTD) which separates the catalyst from the hydrocarbon vapors.
Quick separation is essential to avoid the undesirable side reactions. The separated
catalyst is then directed to the spent (deactivated) catalyst stripper. Hydrocarbon
vapors from the RTD enter the reactor vessel. In modern cracking units, the reactor
vessel plays only a minor role in actua cracking reactions. In fact, the reactions
occurring in this vessel are generally considered to be undesirable. The primary
function of this reactor vessel nowadays is to provide some disengagement space
between the RTD and the cyclones.

The product vapors entering the reactor from the RTD get mixed with steam

and stripped hydrocarbon vapors and flow through the reactor cyclones. The reactor
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cyclones remove the catalyst particles not separated in the RTD. Vapors from the
reactor cyclones flow into the main fractionator. Spent catalyst from the RTD and the
reactor cyclones flows into the spent catalyst stripper. Here the catalyst is contacted
with steam to strip off the vapors adsorbed on the catalyst. Baffles are provided in the
stripper to improve the mixing between steam and catalyst.

1.1.3 Regenerator

The spent catalyst from the stripper flows to the regenerator through a spent
catalyst standpipe. A slide valve in the spent catalyst standpipe serves to control the
level of catalyst bed in the stripper. The regenerator has two main functions: it
restores the catalyst activity and supplies heat to crack the feed. The spent catalyst
entering the regenerator contains between 0.25 and 0.8 wt% coke, depending on the
quality of the feedstock. Components of coke are carbon, hydrogen, and the trace
amounts of sulfur and nitrogen.

Air is the source of oxygen for the combustion of coke and is supplied by a
large air blower. The air blower provides sufficient air velocity and pressure to
maintain the catalyst bed in fluidized state. The air enters the regenerator through an
air distributor located near the bottom of the vessel. The catayst and air are well
mixed in afluid bed (or fast fluid bed) and the carbon (coke) deposited on the catalyst
during the cracking reactions is burned off. The heat produced by the combustion of
coke raises the temperature of the catalyst which in turn is used for supplying the heat
required by the cracking reactions. Flue gases |leaving the regenerator pass through the
regenerator cyclones where entrained catalyst is removed and returned back to the
regenerator. Hot regenerated catalyst from the regenerator enters the riser through the
regenerated catalyst standpipe. A slide valve in the spent catalyst standpipe serves to
control the quantity of hot catalyst entering the riser and thus, the riser outlet
temperature.

In a modern technology jointly licensed by Stone & Webster and IFP a two
stage riser regenerator is used. In the first stage only 60-70 % of the coke is burned in
an oxygen deficient mode. Regeneration is completed in the second stage which

operates with sufficient oxygen for complete combustion.



1.1.4 Flue gas system

The hot flue gas leaving the regenerator contains an appreciable amount of
energy. A number of heat recovery schemes are used to recover this energy. In some
units, the flue gas is sent to a CO boiler where both the sensible and the heat of
combustion are used to generate high-pressure steam. In other units, the flue gas
exchanges heat with boiler feed water to produce steam via the use of shell/tube or

box heat exchangers.

1.1.5 Catalyst handling

Catalyst particles smaller than 20 microns escape from the reactor and
regenerator vessels. The catalyst fines escaping the reactor collect in the fractionator’s
bottoms product storage tank. The recoverable catalyst fines exiting the regenerator
are removed by the electrostatic precipitator. The catalyst losses are related mainly to
hydrocarbon vapor and flue gas velocities, the catalyst’s physical properties, and
attrition.

The activity of the catalyst degrades with time. The loss of activity is
attributed to the impurities in the FCC feed, such as nickel, vanadium, and sulfur, and
to thermal and hydrothermal deactivation. To maintain the desired activity, fresh
catalyst is continually added to the unit. Fresh catalyst is stored in a fresh catalyst
hopper and, in most units, is added automatically to the regenerator via a catalyst
loader. The circulating catalyst in the FCC unit is called equilibrium catalyst, or E-cat.
Periodically, quantities of equilibrium catalyst are withdrawn.

1.2 Modeling of FCCU

Because of the importance of FCCU in refining, considerable effort has been
done on the modeling of this unit for better understanding and improved productivity.
In last fifty years, the mathematical modeling of FCC unit have matured in many
ways but the modeling continues to evolve to improve the closeness of models
predictions with the real process whose hardware is ever-changing to meet the needs
of petroleum refining. Complexity of the FCC process because of unknown reaction
mechanism, complex hydrodynamics, and strong interaction between reactor and
regenerator, has made it almost impossible to develop a genera model for the

integrated process. Therefore, researchers in this field have worked on different



aspects of the process separately for modeling purposes (Gupta et al., 2005).
However, maximum attention has been paid on the modeling of riser reactor which is

the most important part of the FCCU.

1.3 Aim and Scope of Present Work

In the modeling of riser itself, the kinetic behavior modeling is of prime
importance. Most of the models dealing with riser kinetics are based on the extension
of smple lumping scheme proposed by Weekman and Nace (1970). In al these
models feed and products are assumed to be made up of a few lumps. The kinetic
parameters for the conversion of these lumps are estimated empirically. The kinetic
parameters thus obtained depend heavily on the nature and composition of the
feedstock and may vary considerably from plant to plant. With this in view, the main
objective of the present work is to develop a new generic kinetic model of the FCCU
riser. This kinetic model considers cracking of one lump (pseudocomponent) giving
two other lumps in one single reaction step. The proposed model also incorporates
two phase flow and catalyst deactivation. Since a new cracking reaction mechanism
isintroduced, a new semi empirical approach based on normal probability distribution
is also proposed to estimate the cracking reactions’ kinetic constants. A regenerator
model adopted from the literature is integrated with the proposed riser model to
simulate the entire FCC unit and to study the effects of various operating parameters

on the performance of this unit.



Chapter - 2

LITERATURE REVIEW

The importance of FCCU in refining has lead to concerted modeling efforts of
al the aspects of this unit. In the present chapter the various aspects of the FCCU
modeling from the literature are complied in three sections. These sections dea with
riser modeling, regenerator modeling, and integrated riser and regenerator modeling
respectively. Conclusions drawn from the literature are listed in a separate section at

the end of the chapter.

2.1 Modeling of Riser Reactor

Modeling of the Riser reactor of an FCC unit is quite complex because of the
presence of all three phases (solid, liquid, and vapor) in the riser, involvement of
physical and chemical rate steps, and its strong interaction with the regenerator.
Nevertheless, considerable efforts are made by various workers in al the above
aspects of riser modeling. Gupta and Subba Rao (2001) have given the summary of
main features of some FCC riser models (Table 2.1).

2.1.1 Riser kinetics

Describing the kinetic mechanism for the cracking of petroleum fractions has
been, and ill is, a challenge for the researchers in the field of modeling of the fluid
catalytic cracking. The presence of thousands of unknown components in the feed to
the riser and the parallel/series reactions of these components makes the kinetics
modeling difficult. The following classification of important chemical reactions
occurring during catalytic cracking was listed by Gates et a. (1979):
1. alkanes cracking:

CnaHzns2 - CrnHom + CpHzpez withn=m+p

2. alkenes cracking:

CnH2n — CmHom + CyHazp withn=m+p

3. B-scission of aromatic alkyl chains:

ArCiHx+t1  — ArCpHomi + CoHopi2 withn=m+ p, and Ar is
aromatic ring



4. cycloalkanes cracking:

CnHazn (naphthene) — CnH2n, (ol€efin)

5. hydrogen transfer:
-cycloalkane + alkenes — aromatic + akanes
-coke precursor + akenes — coke + alkanes

6. isomerisation:
-alkene — branched alkene

7. condensation reactions;

CH=CH,
©/ + R]_CH = CH R2 —> ©©
Ro
Ry

Weekman and Nace (1970) developed a simple kinetic scheme, based on the
theory of Wei and Prater (1963), for the kinetic modeling of cracking reactions
occurring in the riser reactor. This work can be considered as pioneer in developing
the simple kinetic mechanism for FCC modeling purposes. Authors divided the
charge stock and products into three components, namely, the original feedstock, the
gasoline (boiling range Cs — 410 °F), and the remaining C,’s (dry gas and coke), and
hence simplified the reaction scheme (Fig. 2.1a). The model predicted the conversion
of gas ail (the feedstock) and gasoline yield in isothermal condition in fixed, moving,
and fluid bed reactors. The kinetic parameters of the model were evaluated using the
experimental data. Since the gas oil and gasoline cracking rates have different
activation energies, an optimum reactor temperature was also determined for the
system. This simple three lump kinetic scheme was used by several investigators (Lee
et a., 1989a; Theologos and Markatos, 1993) for the analysis of many other aspects
of FCC modeling. This scheme was further extended to several other kinetic
schemes. Among them the four lump model (Yen et al., 1988; Lee et al., 1989a), five
lump model (Larocca et al., 1990), six lump model (Coxon and Bischoff, 1987,
Takatsuka et al., 1987), ten lump model (Jacab et al., 1976), eleven lump model (Mao
et a., 1985; Sa et al., 1985; Zhu et a., 1985), twelve lump model (Oliviera, 1987),
thirteen lump model (Sa et al., 1995), and nineteen lump model (Pitault et al., 1994)
are widely used.
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Table 2.1: Summary of main featur es of some FCC riser models (Sour ce: Gupta and Subba Rao, 2001)

Corellaand Martin et al. (1992) | Flinger et al. Alietal. (1997) | Derouinetal. (1997) Theologous et al.
Frances (1991) (1994) (1999)
Vaporization | Instantaneous I nstantaneous I nstantaneous Instantaneous Instantaneous Vaporization
followed by
cracking
Temperature | Adiabatic | sothermal | sothermal O Adiabatic | sothermal Adiabatic
variation
Molar Considered Considered Not considered Not considered | Considered Not considered
expansion
Axial catalyst | Slip factor varied | Correlation relating | Cluster model Constant Correlation relating dip | Single particle
holdup from 1.15t01.05 | dlipfactortoriser | approach factor to riser height dynamics
aong the riser height fitted to fitted to plant data
height plant data
Masstransfer | Not considered Not considered Not considered | Not considered Not considered
resistance
Kinetic model | Five lump Five lump Three lump Four lump Nineteen lump Three lump
Deactvation Non-selective, Non-selective, Non-selective, Variationalong | Non-selective except Non-selective,
based on thetime- | based onthe coke | based onthetime- | riser height not | relations leading to based on the
on-stream of concentration on on-stream of considered coke formation. Based | time-on-stream of
catalyst catalyst catalyst on coke concentration | catalyst

on catalyst
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Fig. 2.1(a): Threelump kinetic scheme of Weekman and Nace (1970)

Nh Ah

N
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CAIA/ CAh

c

Fig. 2.1(b): Ten lump kinetic scheme of Jacob et al. (1976)
P =wt% paraffinic molecules, 430°- 650° F

N, = wt% naphthenic molecules, 430°%- 650° F

Ca = Wt% carbon atoms among aromatic rings, 430°- 650° F
A, = wt% aromatic substituent group, 430°- 650° F

Pl = wt% paraffinic molecules, 430°%- 650° F

P, = wt% paraffinic molecules, 650° F*

Nn = wt% naphthenic molecules, 650° F*

Can = Wt% carbon atoms among rings, 650° F*

An = wt% carbon atoms among rings

G = Gasoline lump (Cs— 430°F)

C =Cokelump (C; to C4 and Coke)

Cal +P+ N+ A =LFO (430-650°F)

Can + Py + Np+ A = HFO (650° F +)
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The three lump model of Weekman and Nace (1970) was capable of
predicting gasoline yield. However, it ignored the important aspect of prediction of
coke deposition on the catalyst surface. Lee et al. (1989a) proposed a four lump
kinetic model by separating the coke from the three lumps of Weekman and Nace
(1970) as a separate lump. The separation of coke as a separate lump was important as
the combustion of the coke in the regenerator supplies the heat for the endothermic
cracking reactions. Authors also concluded that the C;- C4 gas yield increases with the
increasing reaction temperature at the expense of the yield of gasoline and coke. The
rate constants and activation energies for the reaction scheme were obtained by
regression using the experimental data of Wang (1974). This four lump model,
because of its simplicity and ease of formulation and solution of kinetic, material and
energy equations, was used by Farag et al. (1993), Zheng (1994), Ali and Rohani
(1997), Blasetti and de Lasa (1997), and Gupta and Subba Rao (2001) for their studies
of various aspects of FCC modeling.

More detailed kinetic schemes were developed by various researchers. Jacob
et al. (1976) developed a kinetic model dividing the feed and products into ten lumps
reaction scheme (Fig. 2.1b) based on molecular structure of the hydrocarbons. They
considered paraffins, naphthenes, aromatic rings and aromatic substituent groups in
light and heavy fuel ail fractions. The model differed from the earlier models in the
sense that it took into account the feed properties in addition to the boiling range. The
model also accounted for the nitrogen poisoning, aromatic adsorption and time
dependent catalyst decay. The kinetic constants for various possible reactions of the
ten lump model of Gross et a. (1976) are listed in Table 2.2. Rate constants of the
model were determined using the experimental data obtained in a fluidized dense bed
with a commercial FCC catalyst. This detailed kinetic model was further extended by
Oliveira (1987), Coxon and Bischoff (1987), and Theologos et a. (1997) for the
Kinetics studies of FCC riser reactor. Oliveira (1987) proposed a twelve lump scheme
in which the coke lump of ten lump scheme of Jacob et al. (1976) is divided into two
gas lumps (gas 1 and gas 2) and a coke lump. A thirteen lump reaction scheme was
proposed by Sa et al. (1995), considering coke and cracking gas as two separate lumps
and dividing the aromatic part of the vacuum residue into two parts, one of whichisin

resin and asphaltene fractions, the other in saturate and aromatic fraction. This kinetic

13



scheme was used by Gao et al. (1999) for their turbulent gas-solid flow and reaction

Table 2.2: Ten-lump model Kinetic constants (Source: Arbel et al., 1995)

From to Activation energy | rate at 1000°F | Heat of
(Btu/lb-mal) (9) reaction
(Btu/lb)
HFO Ph LFO M 26100 0.196 25
Nh NI 0.196
Ah Al 0.196
Ah RI 0.489
Rh RI 0.049
HFO Ph Gasoline | G 9900 0.611 65
Nh G 0.939
Ah G 26100 0.685
HFO Ph coke C 31500 0.099 225
Nh C 0.149
Ah C 0.198
Rh C 0.149
LFO Pl gasoline | G 9900 0.282 40
NI G 0.752
Al G 26100 0.196
LFO Pl coke C 31500 0.099 200
NI C 0.099
Al C 0.050
RI C 0.010
Gasoline | G coke C 18000 0.048 160

HFO: heavy fuel oil; LFO: light fuel oil; Coke: Coke + C;- Cy;
A: aromatic substitution group; R: carbons among aromatic rings; P: paraffins;
N: naphtenes; G: gasoline; C: coke; h: heavy; I: light.

model in FCC riser reactor. Pitault et al. (1994) developed a nineteen lump kinetic
model, comprising twenty five chemica reactions, based on molecular approach
(Table 2.3 shows the lumps considered by the authors). This nineteen lump kinetic
model was used by Derouin et al. (1997) in their hydrodynamic model for the
prediction of FCC products’ yields for an industrial FCC unit. Table 2.4 shows the
kinetic constants (of lumped schemes) obtained by various authors.

Another method of kinetic modeling is the ‘single-events’ method, given by
Feng et al. (1993). It permits a mechanistic description of catalytic cracking. It is
based on the detailed knowledge of the mechanism of various reactions involving the
carbenium ions. Determination of the kinetic constants for these single events requires

some key reactions of pure hydrocarbons. Based on the above method, Dewachtere et
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al. (1999) developed a kinetic model for catalytic cracking of VGO in terms of
elementary steps of chemistry. The lumping was done such that a link with modern
analytical techniques is possible. For the network generation, in each lump all likely
chemical species are considered and accounted for. Fifty single event rate parameters
were determined from an extensive experimental program on catalytic cracking of key

components with relevant structures.

Table 2.3: Lumps considered in Nineteen lump model of Pitault et al. (1994)
Feedstock Cos—Cu; Ty>350°C

Paraffins
Naphthenes with 1, 2, or 3 cycles

Naphthenes with more than 3 cycles
Aromatic compounds

LCO Ci3—Cos; Tey=215-350°C
Paraffins

Olefins

Naphthenes

Olefinic naphthenes
Aromatic compounds
Gasoline Cs—Cip; Tep=40-215°C
Paraffins

Olefins

Naphthenic hydrocarbons

Olefinic naphthenes

Aromatic compounds

LPG Cs-C4
Paraffins
Olefins
Fuel gas Ho, C1 - C»
Coke Conardson carbon
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Table 2.4: Values of kinetic constants obtained with commercial FCC catalysts
by various authors

Authors T, K ko, St kq, st K,, st
Weekman 755 6.3x10°3 5x107 5x107™
(1968)

Nace et al. 755 2.8x103 to 2.2x103to 3.3x10™%to
(1971) 1.1x107 9.3x107® 2.8x10°
Parakosetal. | 783-811 0.36-0.7 0.27-0.52 0.03-0.52
(1976)

Corellaet al. 793 0.19 0.12 6.6x107
(1985)

Corellaet al. 773 0.23 0.18 3.2x102
(1986)

Lecetal. 755-888 5.63x10°  to| 4.34x103to 2x10™to
(1989a) 3.15x107° 2.2x102 6.86x10™

ko = rate constant for the cracking reaction of gas oil
k, = kinetic constant for the formation of gasoline from gas ail
ko = kinetic constant for the formation of gases from gas oil

Other efforts in the kinetic modeling include, (i) a strategy to estimate kinetic
constants of a lumped reaction, by using the data obtained at 480 °C, 500 °C and 520
°C in amicro-activity reactor, that decreases the number of parameters to be estimated
simultaneously for the 3 lump, 4 lump and 5 lump kinetic models (Ancheyta et al.,
1997) (ii) a study on the effects of metal traps in a FCC catalyst contaminated with
high levels of nickel and vanadium (3000 ppm Ni and 4500 ppm V) using pulse
reaction technique for testing of FCC catalysts in a down-flow micro activity reactor
at different carrier gas flows (120-150 ml/min, at STP) and different temperatures
(510-550 0C) (Farag et al., 1993). The four lump kinetic model was used to describe
the gas oil conversion and the yields of gasoline, light gases, and coke in terms of
catalyst activity. The data with FCCT (cracking catalyst with in situ metal traps)
showed that the selectivity to gasoline as well as the gasoline yield was significantly
improved, coke formation was reduced, and the gas formation was increased. (iii) a
study of sensitivity analysis of Weekman'’s riser kinetics (Weekman, 1979) by Pareek
et a. (2002) using CATCRACK (Kumar et al., 1995). Authors grouped the 20 rate
constants of Weekman’s kinetic model in five diffeent categories to demonstrate the

advantage of such grouping in fine-tuning the simulator.
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More advanced models incorporated kinetics and other physical rate steps
using advanced computational techniques. Peixoto and de Medeiros (2001) used the
concept of continuous description of catalytic cracking of petroleum fractions. They
characterized the petroleum fractions using multi indexed concentration distribution
function (CDF) developed by Aris (1989). Authors used the twelve lump scheme,
combined with instantaneous adsorption hypothesis of Cerqueira (1996) and
deactivation hypothesis of Oliveira (1987) in their model. Bidabehere and Sedran
(2001) developed a model to analyze the simultaneous effects of diffusion,
adsorption, and reaction at high temperature inside the particles of commercial FCC
catalysts. Authors also experimentaly established the relative importance of
diffusion, adsorption and reaction using two equilibrium catalysts and n-hexadecane
as a test reactant in a riser smulator reactor. Pareek et al. (2003) developed a non-
isothermal model for the riser reactor which was incorporated in CATCRACK for
obtaining the temperature and conversion profiles within the riser reactor. Authors
predicted a temperature drop of about 30-40 °C in the riser.

Order of cracking reactions:

Weekman (1968) and Weekman and Nace (1970) represented kinetics of the
gas oil cracking by a second order rate expression. Weekman and Nace (1970)
assumed a first order reaction rate for the cracking of gasoline as it represents a
narrower boiling fraction with smaller range of cracking rates. Several other
researchers have also considered second order kinetics for gas oil and first order
kinetics for the gasoline (Lee et al., 1989a; Gianetto et al., 1994; Blasetti and de Lasa,
1997).

Pachovsky and Wojciechowski (1971) represented the cracking kinetics for
both gas oil and gasoline by first order rate equations; however they expressed the
Kinetic constants as a function of conversion. Pitault et al., (1994) also used first order

cracking kinetics for all the lumps.

2.1.2 Riser hydrodynamics
The riser reactor of FCC unit can be divided into two zones with different
functions. One is the feed-injection zone at the bottom of the riser, where the catalyst

particles are accelerated, the evaporation of feed oil takes place, and the cracking
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reactions are initiated. Other zone comprises of the middle and upper sections of the
riser (Gates et al., 1979; Mauleon and Courelle, 1985).

In the feed-injection zone the hydrocarbons feed sprayed in the form of
droplets through the feed nozzles comes in contact with the hot regenerated catalyst.
The intimate contact between feed and hot catalyst rapidly vaporizes the feed and the
increased amount of vapor raises the velocity and lowers the density of the flowing
system (Murphy, 1992). This part of the riser reactor thus consists of three phasesi.e.,
catalyst (solid), hydrocarbon vapors (gas), and hydrocarbon droplets (liquid). The
influx of feed oil, atomizing steam and hot regenerated catalyst results in high
velocity, temperature and concentration gradients in this zone. In the middle and
upper section, hydrocarbon vapors and solid catalyst are present since all the feed
droplets vaporize after traveling 2-4 m up from the feed inlet (Gao et al., 2001).

Feed injection zone:

In a typical design of an injector configuration, catalyst flowing at high
density comes in contact with a feed introduction system of high penetration. About 5
wit% steam that serves as atomizing media is injected into the feed-injection zone as
well. Catalyst particles get coated with feed as they flow through a feedstock spray.
Some researchers (Merry, 1971; Chen and Weinstein, 1993) showed that the directed
feed jets introduced into a fluidized-bed reactor have a considerable effect on the
hydrodynamics of the riser. The jet can form a coherent void, bubble trains, and a
surrounding compaction zone. Efforts have been done in feed-injection design to
control the flow of hydrocarbons at plug flow conditions for minimizing the
temperature gradients in the inlet zone that causes undesirable cracking reactions
(McKetta, 1981; Yen et al., 1985; Mauleon and Courelle, 1985).

The overall performance of a riser can be predicted using one-dimensional
mass, energy and chemical species balances, however, this approach cannot be
applied to the inlet zone because of the its complex nature (Theologos and Markatos,
1993). The authors developed a three dimensional, two phase model for simulating
the flow, heat transfer and chemical reaction to study the complex behavior of the
inlet zone. The model can predict the effect of feed injection geometry on the catalyst
acceleration, heat transfer between the phases, and chemical reactions. Theologos et
al. (1997) used the above model and predicted that the feed vaporizes completely at
the first 1.5 to 3 m of the reactor height and showed that selectivity of the primary
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products improved with increasing the number of feed injection nozzles (Fig. 2.2 &
2.3). This can be attributed to the fact that the increased number of nozzles at the
bottom promotes proper contact of the feed oil with the catalyst particles. Design of
feed nozzle is also important for the performance of FCCU. Goelzer et a. (1986)
compared the conversion and yield pattern achievable in a riser reactor using multi-
pipe nozzle with that using spray nozzle.

Mirgain et a. (2000) studied the feed vaporization models to understand the
main physical phenomena in a conceptua mixing chamber, for suggesting the
improvements in current FCC technology. Authors demonstrated that feedstock
droplet undergo homogeneous vaporization in the gas phase and heterogeneous
vaporization as they collide with catalyst particles. Homogeneous vaporization cannot
completely vaporize the oil droplets of size greater than 10 um. On the other hand, if
the droplets are sprayed on a dilute suspension or on a dense jet of catalyst particles,
the droplet-catalyst contact is not proper for heat transfer and vaporization. Thus, the
best way to ensure fast vaporization of feed droplets in FCC risers and downers is to
spray the droplets onto a jet of catalyst particles with viodage ranging from 70 % to
90%.

Rate of vaporization of feed droplets depends largely on the droplet size. A
number of workers have studied this parameter in detail. Elshishini et al. (1992)
studied the effect of bubble size in the riser reactor. They predicted that an increase of
bubble size leads to a decrease in the rates of heat and mass transfer between the
bubble and dense (solid) phase, as a result the temperature of dense phase is remains
high and this leads to the lesser yields of the gasoline due to over cracking. Gupta and
Subba Rao (2001) in their hydrodynamics model of the riser reactor discussed the
effect of feed droplet size on the conversion and yield patterns, catalyst temperature,
catalyst holdup, and catalyst activity in the riser reactor. Subsequently they predicted
the effect of feed atomization on regenerator temperature and on carbon on spent
catalyst in their ssimulator for the entire FCC unit (Gupta and Subba Rao, 2003). Gao
et a. (2001) in their hydrodynamic model studied the effect of changing spray droplet
diameter, volumetric concentration and temperature of the feed in the feed injection
zone. They predicted complete vaporization of feed within the first 4 m height of the

riser reactor.
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Middle and upper section:
This part of the riser reactor has solid phase (catalyst & coke) and vapor phase

(steam, hydrocarbon feed and product vapor). Vapor stream carries with it the catalyst
particles in suspension and there is some back mixing of these particles because of
dlip between the solid and vapor phase. This makes the prediction of solid velocity
profile difficult. The dip velocities higher than the terminal settling velocity of a
single particle are observed in the riser. This may be attributed to the particle moving
in clusters, which are agglomerates of loosely held particles.

At the riser wall the velocity of the solid and vapor stream is nearly zero and
the effect of back mixing is also prominent. The velocity is maximum at the center of
the riser. Since the flow in the riser is turbulent, the wall effect is confined to a small
portion of the riser cross section. In the rest of the cross section the velocity is almost
same. Hence the flow can be divided into two regions; one is a turbulent core region
in the centre and an annulus region near the wall. A core annulus type of flow pattern
in CFBs has been shown to exist in several experimenta studies (Capes and
Nakamura, 1973; Bader et al., 1988; Tsuo and Gidaspow, 1990; Zhou et al. 1994,
1995, Samuelsberg and Hertager, 1996, Das et al. 2003). A radial non-homogeneous
distribution of solid particles has also been reported in several other experimental
observations (Weinstein et a., 1986; Hartge et al., 1986).

Model developed by Samuelsberg and Hjertager (1996) predicted core-
annulus flow in the riser which was in agreement with the experimental observations
of Miller and Gidaspow (1992). Their prediction of maximum velocities in the core,
and annulus and solid volume fractions profiles agreed with the experimental
observations but the radial profile of solid, and shear viscosity in the core were under-
predicted. Model predicted the non-homogeneity of velocities, temperature, and yield
profilesin the riser reactor.

Several other hydrodynamics models have been proposed to describe the axial
and radial distribution of solids density in CFB risers. Tsuo and Gidaspow (1990),
Senior and Brereton (1992), Xu and Yu (1997), Sun and Gidaspow (1999), van der
Meer et al. (1999), Ocone et al. (2000), Sundaresan (2000), van der Meer et al.
(2000), and Das et d. (2003) have worked in this direction and studied the vertical
pneumatic transport of solids referred to as circulating fluid bed (CFB) for solid gas
systems and determined the radia gas and particle velocity profiles using
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mathematical models. Kimm et al. (1996) proposed a hydrodynamic model describing
the flow in laboratory scale down-flow reactor.

Tracer studies on the industrial scale riser reactor were conducted by some
researchers (Bernard et al., 1989; Viitanen, 1993) to obtain axial and radial dispersion
coefficients which are useful for modeling purposes. The axial velocity profiles of the
gas and the catalyst reported by Viitanen (1993) are given in Fig.2.4. Authors
attributed the cause of decline in the gas velocity after 16 m height to the inaccuracy
of the calculation.

Flinger et al. (1994) proposed a cluster model approach to explain the higher
observed dlip velocities in the riser. They assumed two phases in the riser — a
dispersed cluster phase containing all the catalyst, and a continuous gas phase. Das et
al. (2003) compared the results of three dimensional hydrodynamics with one
dimensional hydrodynamics and showed that the single dimensional model can
predict the high slip velocities when the particle diameter is significantly altered.

Theologos and Markatos (1993) proposed a three dimensional mathematical
model considering two phase flow, heat transfer, and reaction in the riser reactor. The
authors developed the full set of partial differential equations that describes the
conservation of mass, momentum, energy and chemical species for both phases,
coupled with empirical correlations concerning interphase friction, interphase heat
transfer, and fluid to wall frictional forces. The model can predict pressure drop,
catalyst holdup, interphase slip velocity, temperature distribution in both phases, and
yield distribution all over the reactor. Theologos et al. (1997) coupled the above
mathematical model with a ten lump reaction scheme to predict the yield pattern of
the FCC riser reactor. Gao et al. (1999) developed model that predicts three-
dimensional, two-phase flow inside the riser-type reactor.

Godfroy et al. (1999) compared ten different hydrodynamic models with a set
of experimental data, from different literature sources, that covered a wide range of
operating conditions and showed reasonable to poor overal agreement. They
described a hydrodynamic model that gave the best overall agreement with the
experimental data. Following assumptions were made for the development of model:
the dlip factor increases with the riser diameter and decreases with the gas velocity,
the normalized void fraction profile is a unique function of the radia distance, the
centerline void fraction is equal to the average raised to power of 0.4, the velocity at

the wall is zero, the radial profile of axial gas velocity and the radial profile of axial
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(Source: Viitanen, 1993)
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velocity follows the same power law, and the slip velocity at the center equals the
single particle terminal velocity. The solid wall velocities were calculated on the basis
of solid flux balance. The model predicted an axial pressure gradient for sand particles
quite well but, over-predicted for the FCC particles. However, it correctly predicted
the trend and the fractional change in pressure drop. The authors also developed an
equation for the prediction of slip factor. A comparison of the dip factors for the FCC
powder isgivenin Table 2.5.

Table 2.5: Slip factorsfor FCC powder reported by various authors

Gas velocity | Powder velocity | Column diameter Sphericity
Ug (m/s) Gs (kg/m’.9) vl [y [y
11.0 500 0.2 1.16 19
7.6 500 0.2 145 2.3
5.2 500 0.2 1.74 2.7
11.0 500 0.18 19 16
7.6 300 0.18 23 2.2
5.7 300 0.18 2.3 25
8.9 500 0.18 20 21
101 500 0.18 23 2.0
5.6 550 0.15 25125
7.0 550 0.15 22122
9.0 550 0.15 1920

2K nowlton (1995). ° van Swaaij et al. (1970). ¢ Contractor et al. (1994). ? Godfroy et al.
(1999).

A 3-D, two-phase, turbulent flow model developed by Gao et al, (1999)
incorporated detailed kinetics (thirteen lump scheme) and demonstrated that excessive
cracking occurred beyond the 10m riser height resulted in the increase of by-products
yield at the expense of desirable products. They further developed their model to
three-phase flow (Gao et al., 2001) by incorporating the effect of feed vaporization
into their two-phase model which explained the synergetic effects of hydrodynamics,
heat transfer, and feed vaporization on FCC reactions.

Berry et a. (2004) developed a two dimensional adiabatic model for the

FCCU riser combining a predictive riser hydrodynamic model with the four lump
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kinetic model of Gianetto et al (1994). Authors predicted the effect of increasing gas
velocity on axial and radial suspension density, and on conversion and yield.

Gidaspow and Huilin (1998) experimentally measured the solids pressure
inside the CFB riser, thisinformation coupled with hydrodynamic models can be used
for predicting the particle and velocity distribution profiles inside the CFBs. van der
Meer et al. (1999) studied the dimensionless groups for hydrodynamic scaling of a
CFB. Authors demonstrated that at least five dimensionless groups are required for
full hydrodynamic scaling of a CFB.

Geometry of the CFB riser has been found to have considerable influence on
the hydrodynamics of circulating fluidized beds (Brereton and Stromberg, 1986; Jin et
al., 1988; Schnitzlein and Weinstein, 1988). Zhou et a. (1994 and 1995) obtained the
detailed solid voidage profiles and solid velocity profiles with the aid of an optical
fiber probe in CFB risers of square cross-section. van der Meer et a. (2000) measured

solids flow patterns in laboratory scale riser reactor of square cross-section.

2.1.3 Catalyst deactivation

Catalyst used for the cracking loses its activity mainly due to following three
reasons: (i) physical changes due to coke deposition and structural changes due to
sintering, (ii) Poisoning due to the presence of metals (nickel and vanadium) and non-
metal (sulphur, nitrogen, oxygen) in the FCC feed, and (iii) Deposition of coke on the
active sites.

Catalyst deactivation due to physical changes and metal deposition is
irreversible in nature but this deactivation step is very slow. And the fresh catalyst is
added periodically to compensate for this loss. Activity loss due to coke deposition is
very fast but is reversible and the catalyst can be regenerated easily by burning off the
coke deposited on the catalyst surface.

Most of the popular theories on deactivation are based on the time-on stream
concept. Many researchers have used this concept to formulate various empirical
functions to be used for accounting the catalyst decay since a long time (Voorhies,
1945; Wojciechowski, 1968, 1974; Nace, 1970; Gross et al., 1974).

Various models for time dependent catalyst decay have been proposed for
different lengths of contact time. Models of Weekman (1968) and Nace et al. (1971)
used relatively high contact times (1.2 to 40 min), and Models of Paraskos et al.
(1976) and Shah et al. (1977) used relatively low contact times (0.1 to 10 s). Froment
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and Bischoff (1979) proposed a mechanistic based model considering catalyst decay
rate a function of the fraction of active sites and the concentration of the reactants.
Corellaet al. (1985) studied the catalyst decay for a wide range of contact times (2 to
200 s) considering homogeneous and non homogeneous catalyst surfaces. Authors
showed that the order of deactivation kinetics decreases with the contact time, taking
values 3, 2, and 1, successively. They further justified the change of order of
deactivation with the different contact times by showing the discrepancy in the values
of these constants obtained by Weekman (1968) and Nace et al. (1971) for relatively
large contact times and Shah et a. (1977) and Parakos et al. (1976) for short contact
times. The deactivation equations used by these authors are listed in Table 2.6.
Corellaet al. (1986) determined the kinetic parameters of cracking and of deactivation
for a given feed-catalyst system. Corella and Menendez, (1986) developed a model in
which the catalyst surface was assumed to be non-homogeneous with acidic sites of
varying strength. Larocca et al. (1990) reported that the catalyst deactivation can be
represented by both an exponential decay function and a power decay function with
an average exponent of 0.1-0.2.

Corella (2004) discussed the modeling of the kinetics of selective deactivation
of the catalysts. A selective deactivation kinetic model uses different activity,
deactivation function, and or deactivation order for each reaction in the network.
Although they reflect reality better than the nonselective models, they may not be
useful because of the complexity and handling difficulties.

Although the time-on stream theory is widely accepted there is no specific
function that can be used for the deactivation. Different empirical equations were
employed by various researchers to fit their experimental data. However, there are
two functions that fit the experimental data quite well: power function and
exponential function. The exponentia function is more widely used. Kraemer et al.
(1991) used the data from two different experimental reactors and showed that
exponential decay function or power law function could equally represent the data;
however, the power law assumes the unrealistic limits of infinite catalyst activity at
zero time-on-stream and requires two parameters to describe deactivation. They
further concluded that the simple first order decay function is an effective equation for

describing the catalyst activity decay for short reaction times (less than 20 seconds).
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Table 2.6: Empirical equations used for the catalyst deactivation by various

authors
Author Kinetic equation of activity s d
differential integrated
Weekman (1968) -da/dt = 0a a=¢e“ a 1
Weekman and Nace -da/dt = pA PP a=A" BA™ | (B+1)/B
1970) Y| (ifdD)
Wojciechowski (1968) -da/dt = A&° a=[1+(g-1)Af D A g (if g#1)
Corellaet a. (1985) -d(koa)/dt = wko™( integrated for d=1 v 1
od)? o=2 2
d=3

a = average activity of catalyst

t=time

y = average deactivation function

d = order of deactivation

ko = cracking kinetic constant, average value for al the reactants present in the gas oil

Den Hollander et a. (2001) determined the performance of a coked (0.56wt%
coke on catalyst) and fully regenerated FCC by cracking a hydrowax feedstock in a
micro-riser equipment. Authors predicted that the activity of coked catalyst was lower
but was still significant, and the selectivity was similar to the regenerated catalyst.
They performed a kinetic analysis, using a five lump reaction scheme, and
demonstrated that the activity of coked catalyst is constant; it is not further affected by
additional coke deposition.

Structure of coke:

The coke deposited on the catalyst surface does not have a specific molecular
structure. The commonly used formula for coke is CH,, where n is normally taken
from 0.4 to 2.0 (de Lasa and Grace, 1979; Errazu et a., 1979).

2.2 Modeling of Regener ator

Regenerator modeling includes three main aspects, viz., hydrodynamics,
combustion reaction kinetics, and temperature (heat removal) control. The fluidized
catalyst bed in the regenerator is not a single homogeneous phase, and does not obey a
single flow pattern which makes the hydrodynamics challenging, the combustion

Kinetics poses difficulty because of the unknown composition of the coke deposited
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on the catalyst surface and also because of the variable CO/CO, ratio under different
operating conditions.

The phenomena of multiplicity of steady states (bifurcation behavior) are
observed in the FCC units (Iscol, 1970; Edward and Kim, 1988; Elnashaie and
Elshishini 1990). The combustion process in the regenerator is the main reason for
this multiplicity since the reactions in the riser are endothermic and kinetics is
monotonic it can not be the source of bifurcation behavior. The three steady states
known to exist in the units are high temperature steady state, low temperature steady
state and middle unstable steady state (temperature between low and high).
Temperature control in the regenerator is therefore crucial because of the bifurcation

behavior.

2.2.1 Regenerator kinetics

The reactions taking place in the regenerator are the coke combustion
reactions. This coke is the byproduct of the cracking reactions taking place in the riser
and gets deposited on the catalyst surface during the course of cracking. Carbon and
hydrogen are the major constituents of the coke that reacts with oxygen, present in hot
air entering from the bottom of the regenerator. Krishna and Parkin (1985) reported
the stoichiometry of the regeneration reactions based on the open literature data and

pilot-plant studies conducted at Gulf Research and Development Co., Pittsburgh as:

CH +| L2 X1o, 5P co +-L co,,+2H,0, 2.1)
28+ 4 L+1 LS+1 2
and
2CO,, + 0Oy, — 2CO,, (2.2
where, CH , is hydrocarbon deposit on the catalyt, B is intrinsic CO/CO ratio at

the catalyst site and is given by the following equation:
B =Kkg,el %' (2.3)
The value of x reported by Lee et al. (1989b) to be a number between 0.4 and
2.0. The exact value can be determined from the flue gas anaysis. Authors

determined this value from the flue gas data collected from the Kaohsiung Oil

Refinery which came out to be 1.64.
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The rate of the carbon combustion is first order with respect to the carbon-on-
catalyst and oxygen partial pressure (Krishna and Parkin, 1985; Lee et al., 1989b).
The oxidation of CO takes place by two ways with different first order rate constants,
one is homogeneous oxidation in the gas phase and the other is catalytic oxidation
(Krishna and Parkin, 1985; Lee et al., 1989b; Arbel et al., 1995). The rate of CO
oxidation is expressed as being first order with respect to the partial pressure of CO
and half order with respect to the partial pressure of O, for both homogeneous and
catalytic oxidation reactions (Krishna and Parkin, 1985). The overal rate expression
for the CO oxidation can be obtained by adding the rates of homogeneous and
heterogeneous oxidation reactions.

Morley and de Lasa (1987) showed that the intrinsic kinetic constant for coke
burning at the reaction site is equal to the global kinetic constant. Coke burning was
calculated from the observed oxygen concentration and CO, to CO product ratio

assuming the coke combustion and the CO post combustion reactions to be additive.

2.2.2 Regenerator hydrodynamics

The spent catalyst from the separator enters into the regenerator unit where it
is fluidized by the hot air blowing from the bottom of the regenerator. This fluidized
catalyst bed is not a single homogeneous phase, and is always very difficult to model
due to unclear flow pattern.

Based on fluidization characteristics of the particles, Geldart (1973) classified
the particles into C, A, B, and D types. FCC catalyst particle are Geldart A type
particles. With the increase in gas velocity through a bed of particles in the upward
direction, various fluidization regimes like packed bed regime, particulate bed regime,
bubbling bed regime, sugging bed regime, turbulent bed regime, fast fluidization
regime, and dilute transport are encountered. For modeling purposes, early
researchers divided the fluidized bed into two beds of different densities namely the
dense bed and dilute bed. The bottom part of the regenerator consisted of the dense
bed wherein most of the catalyst particles were present and the upper part contained
dilute bed where mostly gas and fewer catalyst particles were present. Later some
more detailed models like grid effect model, two region model, and bubbling bed
model were developed by various workers.

The grid effect model (Behie and Kehoe, 1973; Errazu et al., 1979) was
developed for a shallow bed with diameter larger than height. In this model it is
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assumed that the air columns in the bed are similar in shape and have identical heights
and do not intermix with each other. Because of this assumption the simulation of a
real process in which thistype of grid is not formed leads to serious errors.

A further improvement of the grid effect model came in the form of two-
region model (de Lasa and Grace, 1979; de Lasa et al., 1981). In this model the
authors suggested that the dense phase could be further subdivided into two phases
the bubble phase, and emulsion phase. It is assumed that the bubbles in the bubble
phase are of same size and do not contain any catalyst particles, and the emulsion
phase is a mixture of air and catalyst particles and is kept at the minimum fluidization
condition.

The effect on the catalyst because of the rising air bubbles was not considered
in the two-region model. This effect was, however, already introduced by Kunii and
Levenspiel (1969) in their bubbling bed model. They assumed the catalyst underneath
a bubble will be carried up by the bubble until it reaches the emulsion phase and
mixes with it. They used the term “cloud-and-wake” to describe the situation where
particles are being carried over. This bubbling bed model also assumes plug flow for
both bubble phase and emulsion phase whereas the grid-effect and two-region models
assume the emulsion phase in mixed flow. Hence, in the bubbling bed model the
oxygen concentration is afunction of position in the bed.

de Lasa et a. (1981) compared the following five different fluidized bed
models for the regenerator using experimental data from the industrial regenerator: (i)
a grid model where the bubble mass transfer coefficients were estimated with
Davidson and Harrison (1963) correlation (ii) a grid model where bubble mass
transfer coefficients are predicted by means of Kunii and Levenspiel (1969) equation
(iii) a pure bubble model with mass transfer coefficient estimated with Davidson and
Harrison (1963) correlation (iv) a pure bubble model where mass transfer coefficient
predicted by means of Kunii and Levenspiel (1969) equation (v) a CSTR model. The
authors showed that the CSTR model was useful for the evaluation of the overall coke
conversion and is simpler than the other models which become complex on the
consideration of the freeboard region (FBR) effect.

Krishna and Parkin (1985) in their three-region model for the regenerator
considered the transfer line carrying the spent catalyst from the stripper to the
regenerator as the first region, dense bed of the regenerator as second region and
dilute phase above the dense bed as the third region. A plug flow model for the
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transfer line was developed by the authors to account for carbon burning and CO
oxidation in the transfer line. Their ssimulation results showed that less than 4%
carbon is removed from the catalyst in the transfer line. The model is capable of
predicting temperature and gas composition profiles taking into account carbon
burning and CO oxidation reactions and catalyst entrainment effects.

Lee et a. (1989b) studied three different models (grid-effect model, two-
region model, bubbling-bed model) for a fluidized-bed catalyst regenerator. They
compared the results with actual operating data for selecting a suitable model for
simulation. The authors concluded that the bubbling-bed model of the fluidized-bed
regenerator, with the two thermally uniform stages for heat balance, was able to

describe the actual regenerator with least error.

2.3 FCC Unit’s Control Models

Proper control of the unit allows the refiners to handle changing feed-stocks
and market needs. Dynamic models of varying degree of rigor have been proposed by
many researchers. The phenomena of multiplicity of steady states make the control of
the unit difficult.

Elshishini et al. (1992) studied the effect of bubble size in reactor and
regenerator for al the three steady states. Elnashaie and Elshishini (1993) developed
an unsteady state model of industrial FCC units by extending the earlier steady state
models of Elnashaie and El-Hennawi (1979) and Elnashaie and Elshishini (1990).
They investigated the dynamic behavior of the system for open-loop and closed-loop
feed-back control systems.

Avidan and Shinnar (1990) discussed the effects of cracking reactions’
chemistry, kinetics, and thermodynamics on the riser design. They also discussed the
various designs of reactor and regenerator and their controllability. McFarlane et al.
(1993) developed a type IV FCC unit model which includes amost all major
equipment (feed and preheat system, cracking riser, regenerator, air blowers, and
catalyst transport system) and operating constraints. Although, the model provides
major dynamics effects of the unit however, it lacks in detailed description of the
reactor kinetics and does not predict feed conversion. Elnashaie and Elshishini (1993)
extended their steady-state model to an unsteady-state model for investigating the
dynamic responses of the FCC unit in open-loop and closed-loop feedback-controlled
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modes. Zheng, (1994) developed a dynamic model of FCC unit which included the
dynamics effects of startup and shutdown. Arbel et al. (1995) developed a dynamic
model of FCC units which includes more detailed kinetics of the cracking reactions
(ten lump scheme) and includes a complete description of CO to CO, combustion
kinetics incorporating the effect of catalytic combustion promoters in the regenerator.
Ali and Rohani, (1997) developed a simple dynamic model of FCC unit. The model
does not contain any partial differential equation and is easy to solve, and hence can
be used particularly for control studies. Han et al. (2000) developed a detailed
dynamic ssmulator of FCC unit including many auxiliary units (pre-hater, catalyst
cooler, blower). They included detailed hydrodynamics of cracking reactor and
catalyst regenerator. Their riser model incorporated ten lump cracking reactions
scheme and regenerator model incorporated two-regime (dense bed and freeboard)
and two-phase (emulsion and bubble) behavior of typical fluidized beds.

Optimal operation, through proper control, of FCC unit makes a refinery
highly profitable. Krishna and Parkin (1985) developed a steady state model for the
regenerator and coupled it with a riser reactor model for the monitoring and
optimization of commercial FCC units. Khandalekar and Riggs (1995) applied
nonlinear process model based control (PMBC) to Model IV industrial problem. They
modeled the riser as a plug flow reactor for simplified optimization analysis and
applied nonlinear model based control for reactor temperature, regenerator
temperature and the flue gas oxygen concentration. They used feed temperature,
catalyst circulation rate and regenerator air flow rate as manipulated variables. The
dynamic microscopic oxygen and energy balances in the regenerator and the steady
state energy balance for the reactor were used as nonlinear models for control. Ellis et
al. (1998) modeled atype IV FCC unit using ten lump reaction scheme for the reactor.
Authors used the steady state optimization models of the regenerator and riser reactor,
a simplified reactor yield model, and models of the various process constraints. They
also compared the relative performance of constraint control, off-line optimization,
and online optimization for different feed characteristics and product pricing

structures.
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2.4 Concluding Remarks

The following conclusions may be drawn from the above discussion on the

available literature

Kinetic modeling of the riser reactor is based either on the lumping scheme or
on the ‘single events approach’. The kinetic constants evaluated using the
lumping scheme are empirical in nature and are too much feed and plant
specific. The ‘single-events’ method is difficult to use because of its analytical
complexity and computational limitations.

Feed atomization by using properly designed nozzles improves the yield of
valuable products.

Choice of the model for the regenerator hydrodynamics largely depends on the
hardware of the regenerator being investigated.

Regenerator Kkinetics is quite matured because of the known combustion
reactions taking place in the regenerator. However, the CO/CO; ratio varies
from unit to unit.

Catalyst deactivation can be modeled either in the form of exponentia or
hyperbolic function of time-on-stream or as a function of coke content on the
catalyst.

Tremendous developments in computer software and hardware have paved the
way for advanced control studies on FCC units using neura networks, and
CFD.

Although, kinetic models incorporating a fairly large number of lumps have

aready been developed, still for the advanced modeling of the FFC unit a kinetic
scheme with four to five lumpsis preferred to avoid complexities in determination

of rate constants, formulation of rate equations and their solution. This complexity

limits the applicability of these detailed kinetic models incorporating larger

number of lumps. In the present work a kinetic scheme for the riser reactor based

on pseudo components approach is developed. This kinetic scheme incorporates

fairly large number of pseudo components leading to several thousands of parallel

reactions, yet the model equations can be solved easily. The proposed kinetic

model for the riser reactor can be coupled easily with the other complex aspects of

the FCC unit for devel oping more advanced model of the unit.
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Chapter - 3

MODEL DEVELOPMENT

A typical FCC unit mainly consists of three components, a riser reactor, a
catalyst stripper and a regenerator. For the modeling of FCCU, these three
components need to be considered separately. The first section of this chapter deals
with the riser model development. Stripper modeling is discussed in the second
section. In the third section a regenerator model based on the model of Arbel et al.
(1995) is developed. In the last section the riser model and regenerator model are
integrated to simulate the entire FCC unit.

3.1 Riser Modél

For the modeling of the riser reactor, a novel kinetics scheme is developed in
the present work. This new kinetic scheme is coupled with the well known material
and energy balance equations, and riser hydrodynamics proposed by Pugsley and
Berruti (1996) and Gupta and Subba Rao (2001).

The following commonly used assumptions are made for the development of
the riser model:

e At the riser inlet, hydrocarbon feed comes into contact with the hot catalyst
coming from the regenerator and instantly vaporizes (taking away latent heat
and sensible heat from the hot catalyst). The vapor thus formed move upwards
in thermal equilibrium with the catalyst (Corella and Frances,1991; Martin et
al., 1992; Fligner et al., 1994; Ali et a., 1997; Derouin et al., 1997).

e There is no loss of heat from the riser and the temperature of the reaction
mixture (hydrocarbon vapors and catalyst) falls only because of the
endothermicity of the cracking reactions (Corella and Frances,1991; Ali et .,
1997; Theologos et a., 1999, Gupta and Subba Rao, 2001).

e The endothermicity of the cracking reactions is calculated by finding the
difference in the heat of combustion of each pseudocomponent involved in the
reaction, thus heat effects of all other reactions such as hydrogen-shift,
polymerization, condensation, etc., are assumed to be included in the overall

heat of reaction.
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e Gas phase velocity variation on account of gas phase temperature and molar
expansion due to cracking is considered. Ideal gas law is assumed to hold
(Gupta and Subba Rao, 2001).

e Catalyst holdup is estimated by a local force balance. Catayst particles are
assumed to move as clusters to account for the observed high slip velocities
(Gupta and Subba Rao, 2001).

e Heat and mass transfer resistances are assumed as negligible (Corella and
Frances, 1991; Martin et al., 1992; Ali et al., 1997; Derouin et al., 1997;
Theologos et al., 1999).

3.1.1 Riser kinetics

The traditional and global approach of cracking kinetics is lumping.
Mathematical models dealing with riser kinetics can be categorized into two main
types. In one category the lumps are made on the basis of boiling range of feed stocks
and corresponding products in the reaction system. This kind of models has an
increasing trend in the number of lumps of the cracked gas components. The other
approach is that in which the lumps are made on the basis of molecular structure
characteristics of hydrocarbon group composition in reaction system. This category of
models emphasize on more detailed description of the feedstock (Wang et al., 2005).
In both of these categories, however, reaction kinetics being considered is that of
‘conversion’ of one lump to another and not the ‘cracking’ of an individual lump.
Theses models do not include chemical data such as type of reaction and reaction
stoichiometry. Moreover, the values of kinetic constants depend on the feedstock
composition and must be determined for each combination of feedstock and catalyst.

More recently, models based upon ‘single-events’ cracking, structure oriented
lumping, and reactions in continuous mixture were proposed by various researchers.
Nevertheless, the application of these models to catalytic cracking of industrial
feedstocks (vacuum gas ail), is not realized because of the analytical complexities and
computational limitations.

In the two main categories of models, it is assumed that when one kilogram of
an individual lump cracks the same amount of another lump is formed with a fixed
reaction rate, and all rate constants are determined empirically. All these models

contradict the basic theme of cracking reaction that when one mole of a reactant
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cracks down it should give at least two moles of products. With this in view, in the
present work, a new approach of kinetic scheme is being proposed. The proposed
model falls under the first category in which lumps are formed on the basis of boiling
point, but in this approach, each individual lump is considered as a pure component
with known physico-chemical properties. Also, the reaction stoichiometry is
considered. No separate coke lump is considered and it is assumed that when one
mole of a lump cracks down it gives one mole each of two other lumps and the
balance material gives the coke.

The riser is modeled as a vertical tube comprising of a number of equal sized
compartments (or volume elements) of circular cross section (Fig. 3.1). Volume
elements are designated by symbol j (j =1, 2, ..., Nc) and numbering of the volume
elements is done from bottom (inlet) to top (outlet). Each volume element is assumed
to contain two phases (i) solid phase (catalyst and coke) and (ii) gas phase (vapors of
feed and product hydrocarbon, and steam). In a volume element, each phase is
assumed to be well mixed so that heat and mass transfer resistances can be ignored.
Model equations are written for both the phases in each j™ volume element for all
pseudocomponents PC; (i=1,2,....,N). Cracking reactions’ rate constants in each
volume element are evaluated at the local temperature of the j" volume element and
are subsequently used for calculating the change in molar concentration of each
component and the heats of reactions. This approach of finite volume method (FVM)
is widely used in computational fluid dynamics (CFD) such as one developed for
membrane separation process by Kumar and Upadhyay (2000). It is assumed that
known amount of reactants enter the | volume element, cracking reactions take place
in the element for a period equal to the residence time of the hydrocarbons entering
the element. The concentration of the reacting mixture at the outlet of ™" volume
element serve in defining the reactant feed for the (j+1)™ volume element. To start
computation from volume element number one, i.e., the inlet of the riser reactor, the
known process parameters at the inlet of the riser are used.

In the present work, the number of lumps being considered is N (=50), but
these lumps are treated as hypothetical components (henceforth called
pseudocomponents, and abbreviated as PC) with al physical, thermodynamic, and
critical properties known, as if they are pure components (a brief description of
generating these pseudocomponents is given in Appendix—I). The pseudocomponent

based approach for design and simulation of crude distillation unit is highly
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successful. To apply this approach to FCC simulation, it is assumed that when one
mole of a pseudocomponent is cracked, it gives one mole each of two other
pseudocomponents and some amount of coke may also form. A schematic diagram of
the reaction mechanism is given in Fig. 3.2. There are total N blocks in each column
of the diagram and each block in a column represents one pseudocomponent (blocks
inarow represent same pseudocomponent).

Pseudocomponents are numbered in increasing order of normal boiling point,
which also ensures increasing order of molecular weight. According to the proposed
scheme, there are severa possible ways through which one particular
pseudocomponent (say i™ pseudocomponent, PC;) can crack down to give a pair of
pseudocomponents PC.,, and PC,, aong with some amount of coke as cracking

byproduct according to the following reaction,

pc _MN b L opc Gimn (AHD); e 3.1)
Where i, m, and n are pseudocomponents’ numbers, o;mn IS the amount of coke
formed in kilograms when one kmole of i™ pseudocomponent cracks to produce one
kmole each of m™ and n pseudocomponents. The value of ; mn can be calculated by
taking difference in molar masses of reactant and product hydrocarbons as follows,
Aimn = MW — (MW, +MW,). (3.2
In equation (3.1) m, and n can vary from 1 to N, thus, there are “C, possible
ways through which cracking reaction for one pseudocomponent PC; can be written.
Only two of such possible reactions are shown by solid line in Fig. 3.2. The dashed
line represents the same reaction, as the values of m and n in equation (3.1) are
interchangeable. Thus the total number of reactions that could be written for the
complete set of reaction becomes NxNC, (for N=50, total number of reactions become
61,250). However, all of these reactions are not feasible. The feasibility of a reaction
is found using the stoichiometry of the cracking reaction (equation 3.1). Only those

reactions are considered feasible for which the value of a; i, , calculated by the
eguation (3.2) is either zero or positive. Obviously, for all i (i =1to N), mand n each
can vary from 1 to i only. This natura constraint greatly reduces the number of
feasible cracking reactions but still the number istoo large (more than ten thousand in

the present case with N=50).
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Fig. 3.2: Schematic diagram of reaction mechanism
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To handle such a large number of reactions in riser (tubular) reactor special
considerations for estimation of reaction rate constants and a technique for solving
material and energy balance equations are required. In the present work, a new semi-
empirical scheme for the estimation of rate constants is developed. This scheme
makes the kinetic model more versatile. Six tunable parameters have been introduced
to adjust more than ten thousand reaction rate constants (ki mn) needed to explain
complete reaction mechanism in a typica FCC riser reactor. Development of this
correlation is discussed in detail in the following paragraphs.

The reaction rate constant, k, is normally determined by an Arrhenius equation

in terms of frequency factor, kg, and energy of activation AE. However, this
equation lacks theoretical validation and the parameters kpand AE are nothing more

than empirical constants (Fogler, 1992). Thisindicates that the reaction rate constant k
is a parameter that needs to be determined empirically, using experimental data. In the
present case, however, al data available in literature relevant to calculate the rate
constants are for lumped reaction mechanism which is in fact rate constants for
conversion of one lump to other and not for cracking of one lump giving two other
lumps. Due to lack of experimental data, a purely hypothetical correlation for
predicting Arrhenius type rate constant is being used.

Hypothetical scheme:

It is well observed fact that most physical, thermodynamic, or transport
properties of hydrocarbons of a particular group have similar behavior, and properties
of these hydrocarbons can be well correlated empirically (Daubert, 1998). In the
present case, we are dealing with pseudocomponents, which are mixtures of large
numbers of hydrocarbons of amost equal boiling point but widely different
properties. However, the average characteristic of these mixtures of hydrocarbons
with almost equal boiling point is characterized by Watson characterization factor Kyy
(as discussed in Appendix-l). Therefore it can safely be assumed that the cracking
behavior of al pseudocomponents should follow a similar trend, as all the
pseudocomponents are generated with exactly the same value of K. In fact,
pseudocomponents are neither paraffin, olefin, nor aromatic. The Watson
characterization factor is an indicator of an average characteristic in terms of

paraffinicity, as well as aromaticity of the hydrocarbon mixtures (pseudocomponents).
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These pseudocomponents are treated just as a pure component with specific
characteristics, represented by Ky, which helps in determining all its physico-
chemical properties.

In absence of experimental data, the rate constant of a particular reaction may
be correlated with the probability of reaction to take place. A higher probability of the
reaction will correspond to higher cracking rate and hence a higher rate constant.
According to the proposed reaction scheme (equation 3.1) a pseudocomponent PC;,
cracks to give two other pseudocomponents PC,, and PC, and some amount of coke
(01, mn) May aso form. For the cracking of one specific PC; (i.e., for one fixed value of
i between 1 to N) there are alarge number of paralel ‘feasible’ reactions taking place
through which two components PC,, and PC, are formed such that m and n can lie
between 1 to i only (Fig. 3.2). However, the rate constants of al these feasible
reactions (with different values of i, m, and n) must be different from one another.
There are only three possible ways through which variation in the magnitude of
cracking rate constant of i pseudocomponent with changing molecular weight of
PC, and PC, can occur, (i) the rate constant of a cracking reaction is maximum when
molecular weights of PC, and PC,, are amost equal (Fig. 3.3(a)), (ii) the rate constant
is maximum when molecular weights of PC, and PC, are widely apart (Fig. 3.3(b)),
and (iii) the rate constant is ailmost constant for all values of m and n. These three
possibilities can be expressed in terms of probability distribution as, (i) probability of
cracking of a pseudocomponent molecule from its middle is maximum, (ii) cracking
of molecule from its sides is more probable than from the middle, and (iii) cracking of
molecule from anywhere is equally probable. First of all we consider the first case,
i.e., when cracking from middle of the molecule has highest probability. Pitault et al.
(1994) has also supported this assumption. Here it should be noted that ‘middle of the
molecule’ means the molecular weight of PC,, and PC, are equal, since there is no
differentiation between ring-chain and straight chain molecules of pseudocomponents.
Thus in this first case, cracking of pseudocomponents from the middle has highest
probability, therefore, the numerical value of the rate constant should also be highest
when molecular weights of the two product pseudocomponents are equal. It implies
that for the cracking of i™ pseudocomponent (PC) giving two other
pseudocomponents PC,, and PC, the rate constant is maximum (Kmaxj) wWhen

molecular weight of m" and n" components are equal. In the present scheme,
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Fig. 3.3: Schematic representation of cracking of a pseudocomponent
(@) cracking from middle of the molecule (without coke formation), (b)
cracking from side of the molecule (without coke formation), (c) cracking
from middle of the molecule (along with coke formation), (d) cracking from
side of the molecule (along with coke formation)




however, this is possible only when m = n since there are no two pseudocomponents
having equal molecular weights. For cases when m = n (Fig. 3.3(b)), afunction f(x) is

defined to predict ki mn SO that the function value approaches Kmaxi when x (=MW, —

MW;,) tends to zero, and f(X) is less than knma for all [x> 0. This function could be

any even function with amaxima at kmaxi. However, in the present case, due to lack of
experimental data, and using probabilistic approach, it is assumed that the probability
of cracking of a pseudocomponent may follow a normal distribution. The normal

distribution function in standard form is given by;
1%
f(x) = e’ . (3.3

o~ 2r

At x =0, this function has maximum value which corresponds to the rate constant of

the most probable cracking reaction, kma. Therefore

1
f(0) = 2 = Kmax,i (34)
Hence 202 = ;2 (3.5)
”(kmax,i)

Substituting equation (3.4) and (3.5) in (3.3) we get the normal distribution function

2 N2
F() = Knagje * " Kmaxi) (36)

Another parameter in equation (3.1) is the amount of coke formed during
cracking reaction. At this juncture, the point to think about is whether the cracking
reaction’s rate increases, decreases, or remains unchanged when coke formation
increases? The formation of coke can be depicted asin Fig. 3.3(c) and 3.3(d), and the
mass of coke formed (in kg) when one kmole of reactant (PC;) cracks can be given by
i mn = MW, = (MW, + MW,) (3.7)

It appears from Tables 3.1 and 3.2 that the rate constant for the conversion of a
lump to coke is significantly lower than the rate constants for the conversion of same
lump to other hydrocarbon lumps. It indicates that the formation of coke is not
favored during the cracking reaction. From this fact an inference can be drawn that
the probability (or the rate constant) of a cracking reaction decreases with increasing
coke formation (or o; mpn). Since we are considering cracking of pseudocomponents,

which themselves are mixtures of large number of actual compounds, it seems that the



Table 3.1: Kinetic data for the cracking reactionsreported by Arbel et al. (1995)

Cracking Activation energy Freequency Rate at 538°C | Molecular weight
reaction (k¥mol) factor (hr™) (hr'h) of cracking lump
HFOto LFO 60.7086 1.422 x 10’ 1760.4 380
HFO to gasoline 23.0274 1.026 x 10° 3380.4 380
HFO to coke 73.269 3.704 x10’ 712.8 380
LFO to gasoline 23.0274 8.215x 10" 2707.2 255
LFO to coke 73.269 1.852 x 10’ 356.4 255
Gasoline to coke 41.868 8.555 X10" 172.8 120

HFO: Heavy fuel oil; LFO: Light fuel oil

Table 3.2: Kinetic data for the cracking reactionsreported by Leeet al. (1989a)

Cracking reaction Activation Freequency Rate at 548°C | Molecular weight
energy (kJmol) factor (hr™) (hrh) of cracking lump

Gas oil to gasoline 68.2495 7.978 x 10° 39.364 380

Gasoil to gas 89.2164 4.549 x 10° 9.749 380

Gas oil to coke 64.5750 3.765 x 10" 6.012 380

Gasoline to gas 52.7184 3.255 x 10° 2.470 120

Gasoline to coke 115.4580 7.957 x 10" 1.364 120
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decrease in rate constant with increasing coke formation should be a continuous

function (say, g(«)) where « isthe amount of coke formation (¢ mp). Thus the general

correlation for the rate constant can be expressed as the product of these two functions

as.

kimn = f(X)9(a) (3.8)
In this work, we hypothesize that the function g(«) is an exponential decay

function of the form

e 4imn _ =MW

9(@imn) = (3.9)

1-e MW

such thet,

g(en)=1 a «,,=0 (i.e, nocokeformation)

and

g(@ne)=0 at «,,=MW (i.e, al hydrocarbon massis converted to coke)
Combining equations (3.6), (3.8) and (3.9), we get

~MW
~(MW ~(MWpm+MW, |
— 7 (MW~ MWh) 2 (ke )2 €M ) _e

Kimn = Kmaxi €
1-e MW

(3.10)

A schematic three dimensional surface of ki mn as functions of coke formation
(0i.mn) and x (the difference between MW, and MW, for the cracking of a typical
pseudocomponent is shown in Fig. 3.4. It can be observed that at different values of
coke formation, the grid-line parallel to the x-axis follows the normal distribution
function of different curvature, and the function has a maxima at x=0.

Up to this point we have considered only hypothetical correlations, without
any experimenta verification. The equation (3.10) is quite rigid to accommodate
experimental data as the surface shown in Fig. 3.4 can change only by changing Kmax.
Therefore, at this stage, we introduced two tunable parameters 1, and 1, which can be
used to adjust the span (variance) of the normal distribution function and the

curvature of the decay function, respectively, such that

MWE (MW + MW ) 72 _ MW

ki,m,n = kmax,i :

e—Tl[(MWm—'V'Wn)‘kmax,i]2 y e_(
1.0-e MW

(3.11)
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(on the vertical plane) and the reaction rate constant ki m, as a function

Fig. 3.4: Schematic representation of the probability distribution function f(x)

of coke formation and the difference in molecular weights of the

products
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By increasing 1,, decay of exponential function g(a) is reduced. The thick solid line
on the grid surface (Fig. 3.4) is elevated vertically upward to thick dashed line when
T, is increased. Hence by increasing t, reaction rate constant can be increased even
with higher coke formation. On the other hand, by decreasing value of 1, the function
f(x) (hence the entire surface of Fig. 3.4) can be made flatter. If the value of 1, is
reduced to zero, the intersection of the surface with ki mn—X plane becomes a straight
line. By further decreasing the value of t; the surface becomes concave upward. In
Fig. 3.4, the intersection of such surface with ki m—X plane is shown by athin dashed
line. Thusif 1, is positive, the cracking behavior of pseudocomponentsis as explained
for case (i), whereas, negative value of 1, leads to case(ii), i.e., the rate constant is
highest when molecular weights of PC,, and PC, are widely apart. For the third case,
when rate constant is independent of molecular weights MW, and MW, T3 is zero.
Thus by introducing these two tuning parameters, t; and t,, equation (3.11) can be
used to predict rate constants for all possible schemes.

With change in temperature, it is expected that there should not be any change
in the probability distribution for the cracking of a particular pseudocomponent. i.e.,
shape of the normal distribution curve remains unchanged at all temperatures. At the
same time, reaction rate constant ki mn has to follow the Arrhenius equation. This is
possible only if kmax; follows the equation

—AE;

Kmaxi = Kojie RT (312

Where the energy of activation (AE;) and frequency factor (ko;) are the characteristics
of i pseudocomponent (PC;), therefore numerical values of these parameters should
be different for different pseudocomponents. In other words, AE; and ky; should be a
function of some characteristic property of i pseudocomponent. One such property
could be the molecular weight (MW). To predict such arelation, data of Tables 1 and
2 can be used. Although, these tables represent data for conversion reaction (not a
cracking reaction), an assumption can be made from the data. Overall, it appears that
parameters AE; and Ky; has an increasing trend with increasing molecular weight of
reactant lump. These trends may have the following relationship with molecular

weight of cracking lump.

koj = t3MW™ (313)

48



AE; = 15MW,'6 (3.14)
Therefore, the parameter kmaxi Used in equation (3.11) can be expressed in
terms of the frequency factor (ko;) and the energy of activation (4E;) with four more
tunable parameters 13, 14, 15, and 1. After considering three different cases and the
sensitivity analysis, it was observed that the tuning parameter t; and tw are
insignificant; therefore these can be eliminated from the list of tunable parameters.
This indicates that the rate constant is independent of molecular weight of product
pseudo components and the frequency factor is independent of the molecular weight
of the cracking pseudocomponent.
Rate of cracking reactions:

The theoretical kinetic scheme developed in the present work assumes that all
the cracking reactions are of first order. This is in agreement with the reported
cracking rate of gas lump and gasoline lump. Many researchers have reported the
cracking of heavier fractions of feed such as gas il lump to be of second order due to
deeper cracking action. In the present case, feed is broken into a large number of
narrow boiling lumps (pseudocomponents), therefore, first order cracking can be
assumed safely even for heavier lumps (i.e, high molecular weight
pseudocomponents).

Thus for first order reactions, the rate of disappearance of i pseudocomponent
due to cracking in j™ volume element through one reaction as indicated in equation
(3.1) isgiven by
imn =0 K mn G ~(Mcat'AtCatj) (3.15)

Where, the concentration of i pseudocomponent at the inlet of | volume element is
given by

P
C, =—t (3.16)
Uy ;A |

R,j in equation (3.16) is kmol of i™ component entering per second into the ™"
volume element. A, Ug ; and 84 ; respectively are area of cross-section of the riser,
local gas velocity, and gas phase volume fraction in the | volume element. AtCat j is
the residence time of catalyst in the j™ volume element, hence Mcat - AtCat j in

equation (3.15) is the mass of catalyst present in j™ volume element.
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3.1.2 Catalyst deactivation
Non-selective deactivation of catalyst, because of coke deposition, is assumed.

The activity coefficient, ¢ ; (equation 3.15), depends on the coke concentration on the

catalyst. Pitault et a. (1995) proposed following correlation for the estimation of

activity coefficient

¢, = mez:i—cq) (3.17)
The values for deactivation constants A and B reported by the authors are 4.29

and 10.4 respectively; the same are used in this work. Cy is the concentration of coke

on catalyst coming out of j™ volume element (Wt%).

3.1.3 Material balance

Calculation of material balances with several thousand parallel reactions is
practically impossible by analytical solution of ordinary differential equations (ODE)
representing the rate equations. Using higher order numerical techniques, such as
Runge-Kutta method, is aso not feasible for solving these ODESs due to excessive
computational load. Therefore, a finite volume method (FVM) based approach was
used for computing material balances. As discussed earlier, in this FVM approach it is
assumed that the riser reactor is made up of alarge number of volume elements of
circular cross-section and of very small height, placed one over the other.

Both the gas phase and solid phases pass through each volume element in the
upward direction, with different velocities. Since the height of a typical j™ volume
element Az is very small, therefore the residence-time for the gas phase, Atj, and the
residence-time of the solid phase, AtCat;, is also very small. Applying concepts of
finite volume approach, it is assumed that all reactions take place for At time at a
constant rate determined by the prevailing temperature, pressure, and concentration at
the inlet of j™ volume element. After time At; the temperature and concentration of the
stream (which is now outgoing stream from " element) are determined by the
following material balance equations.

Material balance over j™ volume element for the gas phase:
Rate of massin from the (j-1)™ element — rate of mass out from j" element
= rate of mass converted to cokein " element
(3.18)
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or

N N N i m
UIRUVE SLTUTRDopop AR 619
i=1 i=1 i=lm=1n=1 for all feasible reactions
Similarly,
Material balance over | volume element for solid phase:
Rate of mass out from | element — rate of massin from the (j-1)™ element
= rate of mass accumulated in j™ element
= rate of mass of coke formed (3.20)
or
N i m
(Mcat + Mcoke; )— (Mcat + Mcokej_l)z DD himn®imn
i=1m=1n=1 for all feasible reactions
(3.21)

Where, Mcoke, is the mass flow rate of coke at the outlet of j™ volume element (i.e.,
cumulative mass of coke formed up to ™ volume element).

In equations (3.19) and (3.21) summation for i isdone from 1 to N. However,
summation for m is done from 1 to ionly because no product species can have
molecular weight greater than the reactant species, whereas summation over n is done

from 1 to monly asthe products PC,,, and PC,, areinterchangeable.

3.1.4 Heat balance

It is assumed that the hydrocarbon feed, after coming into contact with hot
catalyst from the regenerator, instantaneously vaporizes at the inlet of the first volume
element of the riser [It takes about 0.1 s to fully vaporize the feed in modern units.
This time represents about 3% of the mixture residence time in the riser. Therefore it
is justifiable to assume instantaneous vaporization of the feed (Ali at al., 1997).].
Afterwards, the feed is assumed to be in thermal equilibrium with the catalyst all
along the riser height. At the entrance (the first volume element of the riser reactor)
the equilibrium temperature, Tip, is calculated by taking into account the specific heat
of catalyst, steam and feed and the latent heat of vaporization of the feed.

As the pseudocomponents are chemically stable hypothetical components and

according to the proposed reaction mechanism one pseudocomponent produces two
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other chemically stable pseudocomponents, this indicates that the proposed reaction
mechanism includes all possible reactions taking place during cracking (such as
hydrogen-transfer, condensation, isomerisation, etc.) that leads to the formation of
chemically stable products in the form of pseudocomponents. Therefore, the overall
heat of reaction (4H,); mn, Of equation (3.1) can be estimated by finding the difference
between the heat of combustion of all products and the heat of combustion of the
reactant.

Heat of combustion of pseudocomponents, Hcomb (BTU/Ib), is estimated by
the following equations in terms of the API gravity of the hydrocarbon.
Hcomb, =57.6 API; +17700 for API; <25 (3.22)

Hcomb, = —0.1727 API ? + 24.875 APl +839.7In(API, ) +15923.175
for 25< API; <50 (3.23)

Hcomh =24 API; +18820 for API; >50 (3.24)

Equations (3.22) through (3.24) were obtained by curve fitting of graphical data

proposed by Maxwell (1968). Curve fitting was done in such a way that there is no

discontinuity in the heats of combustion values predicted by these three equations.
Thus for the cracking of i™ pseudocomponent, giving m" and n"

pseudocomponents heat of reaction (kJ/kmole) becomes

(AH{ )i i = %im;n - H coke + (MW Heomby, + MW, Heomby, — MW; Heomb, ) x 2.326
(3.25)
The multiplying factor 2.326 is for converting heat of combustion from BTU/Ib to
kJkg, and Hcoke IS the heat of combustion of coke (kJ/kg). Thus the energy balance
equation for the | volume element can be written as:
{Mcat :CPgy + Mcoke, ; - CPoge + i P, MW -Cp j(Tj_1 -T,)
i=1

(3.26)

I m

= (ZZ Z ri,m,n ’ AHri,m,n

for all feasiblereactions
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Rearranging the above energy balance equation, we get

(ZZZ ri.m,n' Hri.m,n

i mn ]for all feasible reactions

T, = T4 -

N (3.27)
(Mcat ’ Cpcat + MCOkej -1° Cpcoke +2 l:?,j—lM\Ni ’ Cpi\J
i-1
The temperature (T;) thus calculated was used for the estimation of kinetic
parameters and other temperature dependent properties of the pseudo components in

the next (j™) volume element.

3.1.5 Riser hydrodynamics

In the proposed riser model two phase flow viz. cluster phase and gas phase
are considered. Cluster phase includes the loosely held particles of catalyst and the
coke. The cluster phase and gas phase hold up vary aong the riser height. Solid
particles spend more time in the riser than hydrocarbon vapor due to dip between the
two phases. For the calculation of solid and gas phase hold up along the riser height a
model proposed by Gupta and Subba Rao (2001), based on force balance on clusters,
isused. A similar model was also proposed by Pugsley and Berruti (1996).

For calculating the catalyst and gas vel ocities following analysis was proposed
by Gupta and Subba Rao (2001).

Force balance on clustersfluidized by gas:

Net force on a cluster = Drag force on cluster — gravitational force on cluster

duC —
dt

m, CdA:@pg(ug —uc)zj—mg (3.29)

Where, m, Cq, Ue, Ac, pg, Ug, and g are mass of cluster (kg), drag coefficient, cluster
velocity (m/s), projected area of cluster (m?), gas phase density (kg/m®), gas phase
velocity (m/s), and gravitational acceleration (m/s%), respectively.

The cluster volume and surface area calculations are based on equivaent

spherical diameter. Thus mass and projected area of the cluster can be written as

m = %dfpc (3.29)
A = %dcz (3.30)
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In the above equations d. is cluster diameter, 6.0x10° m (Flinger et al., 1994), and p.
is cluster density. Since the flow in the riser is in turbulent region, therefore the drag
coefficient is taken as 0.44.

On substitution of m, and A,, equation (3.28) can be written as

du, 3(C o) 2
12

Cluster velocity in avolume element is the volumetric flow rate of the clusters

divided by the fractional cross sectional area available for clusters in that volume
element.
Therefore

u - 'V':‘Zt (3.32)
pAS,

Where Ais cross sectional area of the riser and d. is cluster holdup fraction.

In the present work the velocity of solid phase moving in clusters is corrected
for the amount of coke deposited on the catalyst particles, this gives the velocity of
the cluster phase
[ Mcat + Mcoke, ,
) [ ApsIe, J

The residence time of the gas phase can be represented as the ratio of distance

(3.33)

c,j

and velocity as
dz

dt = (3.34)

Ug

On the other hand, if u is the superficial gas velocity, then the actual gas phase
velocity (ug) is given by

u

u, = 3.35
"o, (3.35)
Therefore in j"™ volume element superficial gas velocity uj is given by
N
Mg + ) B MW,
u, = i=1 (3.36)

: Apg,j



Substituting equations (3.32), (3.34) and (3.35) in equation (3.31) and rearranging

2
"W Al 52 5y 3[Caf Lol [ U Mel |33
&z uMcat ala, \p. ) (176, Ap.e.

The density of clusters can be approximated by the following expression

pc = pcat(l_ gc)+pggc = pcat(l_gc) (338)

The clusters are agglomerates of loosely held particles (Fligner et al., 1994). Cluster
voidage ¢, may be assumed to be 0.5, in line with the two-phase theory of

fluidization.

Equation (3.37) was treated as difference equation by replacing dd5C with
z

jc to find out the value of cluster holdup fraction &, ; in j™ compartment with
. :

initial condition 6., = 0.5 , clusters form a bed at minimum fluidization condition at

the bottom (Gupta and Subba Rao, 2001).
Theideal gaslaw is assumed to compute gas phase density
N
poy - | (339)
o) RT,
And, solid phase density can be calculated as,

_ Mcat + (Mcoke;_, + Mcokeformed, ;) 3.40
Psi = Mcoke , + Mcokeformed. , (340)
Mcat/ p,,, + : '

p coke

Residence time of catalyst in volume element j is

(AZ);
AtCat, = — (3.41)
u

c.j

3.1.6 Model solution

A computer program for the model simulation is developed in ‘C’. Model
simulation is done on a P-1V (1.0 GHz) computer, which took less than 5 minutes for
giving the smulation results. Although we can take variable height of volume
elements, however, in the present work the height of each volume element of the riser
was kept 10 mm. Further decrease in the height of the volume element had no

appreciable effect on the results.
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The sequence of calculationsis listed below and the flow diagram for the same

isgivenin Fig. 3.5. The model results are presented in results and discussions chapter.

Sequence of calculations:

1
2.

Read in the input data.

Generate the TBP data from the given SD/ASTM distillation data as the case
may be.

Calculate the conditions at the inlet of the riser reactor (To, PCio’s, Cpio’s, pgo,
Adcp, Uco, Ugo, Do) using the appropriate correlations and set j=1 for
calculations in the first volume element. As the conditions at the exit of j-1™"
volume element are same as the conditions at the inlet of the j™ volume
element, therefore for the conditions at the inlet of the first volume e ement
subscript ‘0’ is used.

Assumetheinitial values of the tuning parameters (1, 2, 73, 74, s, 75)-

5. Calculate the values of Kyax,i’s for the cracking of each pseudocomponent, and

10.
11.
12.
13.

14.
15.

kimn’s for the feasible cracking reactions of a pseudocomponent. Use the
values of kimn’s for the calculation of net change in the moles of a
pseudocomponent in a volume element from the rate equation.

Calculate the heat consumed in the j™ volume element (4H,;) from equation
(3.25) summing over the ratesfor al the feasible reactions.

Calculate the moles of each pseudocomponent, at the exit of j™ volume
element, from the material balance equation.

Recalculate the values of pgj, Ade;, Ucj, Ugj, from the riser hydrodynamics, and
the value of deactivation function ().

Calculate the temperature of the reaction mixture at the exit of | volume
element (T;), from the energy balance equation.

Recalculate the values of specific heat of each pseudocomponent (Cpijs) at T;.
Calculate conversion and yields at the exit of j™ volume element.

Go to the next volume element (with j=j+1).

Repeat steps 5 to 11 till the sum of incremental height equals the height of the
riser.

Calculate conversion and yields at the exit of the riser.

Compare the results with the plant data.
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16. If sum of the errors in product yields, and error in temperature is greater than

5%, adjust the values of the tuning parameters and repeat steps 5 to 15.
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Fig. 3.5: Computational flow diagram for riser reactor model
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3.2 Catalyst Stripper Model

It is important to strip the hydrocarbons, present in the intergtitial gas and
entrained and adsorbed on the catalyst surface, before the spent catalyst is sent for
regeneration. Stripping is generally done in a dense, moving fluidized bed by adding
steam which flows counter-current to the down flowing catalyst emulsion. Ideally,
catalyst and steam are evenly distributed for efficient contacting with minimum back
mixing. Baffles are normally installed in the stripper to promote better distribution
and contacting of gas and solid.

There is not much information about the operating and design data of the
stripper in the open literature. Recently, Mckeen and Pugsley (2003) have modeled a
cold flow, laboratory scale FCC stripper using computational fluid dynamics (CFD).
The authors simulated their model using the two-fluid CFD code MFIX (www.
mfix.org) for operating conditions of gas superficia velocities between 0.1 and 0.33
m/s and solid circulation fluxes ranging between 28 to 90 kg/m?s. However, CFD
modeling is out of the scope of the present work, therefore, we have assumed that the
stripper performance is ideal for the present work i.e., both the mixing and stripping
efficiencies approaching 100%. In a few studies that incorporated stripper modeling,
the temperature drop across the stripper is assumed 10 °C by Dave and Saraf (2002)
and 13.88 °C (25 °F) by Arbel et al. (1995). We have also assumed a temperature drop
of 10 °C across the stripper. So, the temperature of the spent catalyst entering the

regenerator can be calculated as,
TSC = Triserout - ATstripper (342)

3.3 Regenerator M odel

After steam stripping, the spent catalyst from the riser reactor enters the
regenerator. The catalyst present in the regenerator is fluidized with the hot air
entering through an air distributor at the bottom. The oxygen present in the air reacts
with the carbon deposited on the catalyst surface to give CO and CO,. Carbon
monoxide further reacts with oxygen to give CO,. The regenerated hot catalyst flows
to theriser.

This section includes regenerator Kinetics, material and energy balance

equations, and regenerator hydrodynamics. At the end the model solution is included.
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Most of the modern regenerators operate in the turbulent fluidization regime with a

dense region at the bottom containing most of the catalyst inventory and a dilute

region at the top (Gupta and Subba Rao, 2003). The dense bed of the regenerator is
modeled on the lines of the model of Arbel et al. (1995). The following commonly

used assumptions are made for the devel opment of the model:

The regenerator is modeled as a bed of solids having two regions, a dense bed
region and a dilute region. Most of the combustion reactions occur in the
dense bed region. Since in the dilute region the catalyst inventory is very low
it is assumed that the dilute region has no effect on the regenerator
performance (Ali and Rohani, 1997).

It is assumed that the coke only consists of carbon (Ali et al., 1997).

The heat liberated by the combustion reactions is assumed to increase the
temperature of the catalyst and the flue gas and the regeneration is adiabatic
(Gupta and Subba Rao, 2003).

The solid phase is assumed to be well mixed. The gas phase is assumed to
flow through the equal sized well mixed compartments in series (Arbel et al,
1995).

The solid phase and the gas phase are assumed to be in thermal equilibrium. It
is also assumed that the resistance to mass transfer of the gaseous components
is negligible (Krishna and Parkin, 1985).

It is assumed that the entrained catalyst is completely recovered and sent back
to the regenerator dense bed (Krishna and Parkin, 1985).

The cluster phase is assumed to be well mixed. Hence, the value of the coke

on regenerated catayst (Cry) is considered to be uniform everywhere in the

regenerator dense bed. The gas phase is conceptualized as 50 equal sized well mixed

compartments in series, which approximate to plug flow. An initial guessis provided

for the values of Cyqc and regenerator temperature (T;qn). The inlet conditions (for the

first compartment) for the gas phase are known. For the other compartments the inlet

conditions are considered same as the outlet conditions from the compartment below.

Both catalytic and homogeneous oxidation of CO is considered.
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3.3.1 Regenerator kinetics
The following combustion reactions are considered to be taking place in the

regenerator:

c + %oz M, co (3.43)

cC + 0, X2, co, (3.44)
1 k3c

Co + 0, —> CO, (3.45)
1 k3n

co + S0, —¥ co, (3.46)

The coke combustion in reactions (3.43) and (3.44) are proportional to Cgc
and partial pressure of O, in the regenerator (Poz). The CO combustion reactions
(3.45) and (3.46) are proportional to Po, and partia pressure of CO in the regenerator

(Pco). Therate expressions for these reactions are,

n = (1-¢) Py klﬁzke P, (3.47)
Cope

b = (1-&)pak, Wim Py, (3.48)

r3 = ksPo2Peco (3.49)

Where,

kK, = X (- &) oo Kse +€ Ky, (3.50)

Xpt is arelative catalytic CO combustion rate.

Theinitial ratio of CO/CO; at the catalyst surface given by Weisz (1966) is

Ep
CO k o
[_COJ L W S (351)
2/ surface

If k. is overall coke combustion rate then
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ke = ky+ko (3.52)

Where,

k
k1 — ﬂc C

B.+1

(3.53)
and

Ke
k, = 5l (3.54)

From the above equations, the overall rate of the reaction of O,, CO, and CO,
inj™ compartment can be written as

C fo f

(o, = (- e)pu| Sk, | toiip y oy K fo T pay (g
’ 2 MWCoke ftotal 2 ftotal 1:to'(al

C fo fo, f
r. =(-¢ e %dp oy k% €O p2y 3.56
«© ( )pcatkl IleCoke ftotal o ’ ftotal ftotal o ( )

C fo. f f
(oo, =@—8)pgky——o——2I2P V| + k22— PV, 357
o ( )pcat ? MWCoke ftotal o : total ftotal o ( )

3.3.2 Material balance

Due to the combustion reactions occurring in the dense bed region, the molar
flow rates of the gas phase components CO,, CO, O, and N, change along the height
of the regenerator dense bed.

The material balance for each component of the gas phase over |

compartment can be written as,

O, balance:
Moles of O, coming out of the j™ compartment
= moles of O, coming out of the (j-1)™ compartment

- Moles of O, consumed in the j™ compartment

(3.58)
or
fo,i = To,ja — To,i (359)
CO balance:
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Moles of CO coming out of the ] compartment

= moles of CO coming out of the (j-1)" compartment

+ net moles of CO produced in the j™ compartment (3.60)
or
feoj = feojr + T (3.61)
CO;, balance:

Moles of CO, coming out of the | compartment
= moles of CO, coming out of the (j-1)™ compartment
+ net moles of CO, produced in the j™" compartment (3.62)

or

feo,.i = feo,jn * Teo, (3.63)

Also, there is no change in the moles of Nitrogen (N) during the regeneration process

(N2 being inert).

sz,in = sz,out (364)
Also,
sz,in = 0'79Fair ; fOZ,in = 0'2:I'Fair ; fCO,in = O’ fCOZ,in = O (365)
Carbon/Coke balance:
The mass balance for the carbon over the regenerator dense bed can be written

as,
Number of moles of coke consumed = number of moles of CO + CO, formed (3.66)

M al
MV\;t (Csc _Crgc) = 1ECo,out + fcoz,out (367)

Coke

3.3.3 Energy balance
Heat generated in the regenerator = heat of formation of CO + heat of formation of
CO; (3.68)
or
H rgn = 1:CO,out H fo + 1:Coz,out H feo, (369)
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Heat of formation, in kJ/kmol, of CO and CO, reported by Gupta and Subba Rao
(2003) is given by the following equations:

5
H,, = -111120.3+11.54T, —0.334x 10‘3Trgn2 - 78$—Xlo (3.70)
rgn
5
W, = —401490.7+48.24T,, —20x107T,,* - 0'33T4—’<10 (3.71)
rgn
Also,
Heat generated in the regenerator = gain in sensible heat of the catalyst
+ gain in sensible heat of the gas phase components (3.72)
or
H rgn Mcat Cpcat (Trgn - Tsc )+ (Trgn - Tair,in )(Fair MWair + fCO MWCO + fCO2 MWCO2 )

(3.73)

3.3.4 Regenerator hydrodynamics

Two phases, solid phase and gas phase, are considered in the dense bed of the
regenerator. The dense bed properties are calculated based on the molar air flow rate
into the regenerator. The ideal gas law is assumed to hold. The density of the gas
phaseis given by

F)rgn
Pos = g (3.74)

Trgn
Ileair

where, Prgn is the regenerator pressure. Superficial gas phase velocity is given by

u o= Mar (3.75)
pgasAgn

where Mg, is the mass flow-rate of air. Dense bed void fraction is calculated from the

correlation proposed by King (1989)

= u+l (3.76)
u+2

Severa other investigators (Arbel et al., 1995; Dave and Saraf, 2003; Gupta and
Subba Rao, 2003) have aso used this correlation for the prediction of dense bed void
fraction of the regenerator.

Dense bed height is calculated using equation (3.77), and TDH calculations are done
using the correlations reported by Ewell and Gadmer (1978)
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Heensebed = W/(AgnPear(1—€)) (3.77)

TDH = TDH,, +0.1(3.2808D,, - 20) (3.78)
Log,,(TDH,,) = Log,,(20.5)+0.07(3.2808u - 3) (3.79
The volume of a compartment j in the regenerator dense bed is given by
V, = A,AzZ (3.80)
Where,
Az, = Hd{j}% (3.81)

3.3.5Model solution
A computer program for the model simulation was developed in ‘C’. The
sequence of calculationsis listed below and a flow diagram for the same is given in

Fig. 3.6. The model results are presented in results and discussions chapter.

Sequence of calculations:
1. Readintheinput data.
Determine the process conditions at the inlet of the regenerator.
Guess an initial value for T,gn.
Guess an initial value for Cygc.

Calculate the values of kg, ko, k3, roz, r'co, f'coz.

© g & WD

From the M.B. equations calculate the moles/mol fraction of the gas phase
components at the exit of the compartment. These values will serve as inlet
values for the next compartment.

7. Go to the next compartment.

8. Repeat steps5to 7 till the end of the regenerator dense bed.

9. Calculate the net moles of CO and CO, formed.

10. From the coke balance equation, calculate C;gcnew.

11. Check for the convergence criterion of Cg.

12. Repeat steps 4 to 11 till the convergence of Ciy is achieved.

13. From the energy balance equation, calculate T, gmnew-

14. Check for the convergence criterion of Tgn.

15. Repeat steps 3 to 14 till the convergence of T,q, is achieved.
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Fig. 3.6: Computational flow diagram for regenerator model
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3.4 FCC Unit’s Model

Riser and regenerator models were integrated to develop the simulator for the
FCC unit. The solution procedure adopted for this simulation is iterative. An initial
guess is made for the values of regenerator temperature (T,g) and coke on regenerated
catalyst (Crqc). The assumed value of the T,g, was used to calculate the temperature at
the inlet of the riser. The assumed value of Cg is used to calculate the activity at the
inlet of the riser.

From the riser model the values of the riser outlet temperature and coke on
spent catalyst are obtained. These values are provided as input to the regenerator
program which in turn gives the new values of Ty, and C,g . A final value of the Cygc
equal to 0.001 is assumed. Now the amount of air to the regenerator is adjusted to
bring the C,y value in the regenerator near this value. This is repeated till the new

value of Tygn iSin tolerable deviation from its old value.

3.4.1 Model solution
A computer program for the model simulation was developed in C. The
Sequence of calculations is listed below and a flow diagram for the same is given in

Fig. 3.7. The simulation results are presented in results and discussions chapter.

Sequence of calculations:

1. Readintheinput data.

2. Assumean initial value for the regenerator temperature (T,gn).

3. Set the value for the coke on regenerated catalyst (Crgc).

4. Run riser reactor’s program. Adjust the tuning parameters values for getting
the desired amount of coke formed on the catalyst and other products’ yields.

5. Run the regenerator’s program. Adjust the amount of air input to the
regenerator to bring the value of Cigcnew Close to the set value of Cigc.

6. Calculate the new value for the regenerator temperature (Trgnnew)-

7. Check the convergence criterion for regenerator temperature (Tygn).

8. Repeat steps 4 to 7 till the convergence for T4, is achieved.
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Fig. 3.7: Computational flow diagram for the FCC unit’s model
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Chapter -4

RESULTSAND DISCUSSIONS

As discussed in previous chapter, the material balance equations were
combined with reaction kinetics and the hydrodynamic model equations to obtain the
moles of each pseudo component coming out of any volume element j (=1 to Nc) of
the riser reactor. Thus, the model could predict the yield pattern along the riser height.
Model validation is done as three case studies by using industrial data reported in the
literature. Results of the proposed model can be tuned by adjusting six tunable
parameters as discussed earlier. Numerical values of these tuning parameters were
obtained separately for each case study. Stripper and regenerator models were then
coupled with the riser model to simulate FCCU. Results of the simulator are being
discussed in the following paragraphs. Effects of parameters such as catalyst to oil
ratio (C/O ratio) on the riser performance, and C/O ratio and air flow rate on the FCC

unit’s performance are also included in the discussion.

4.1 Riser Smulation

For all the case studies of riser simulation, boiling point characteristics of feed
(simulated distillation, SD) reported by Pekediz et al. (1997) were used (Table A1-1).
Various other parameters common to all cases are given in Table 4.1 and plant data

used in the three cases are presented in Table 4.2.

Table 4.1; Parameters used for the ssmulation of riser reactor

Parameter Value Source
Heat of combustion of coke -32950 kJ/kg | Austin (1984)
Molecular weight of coke 12 kg/kmol Arbel et al. (1995)
Volume fraction of clusters at| 0.5 Gupta and Subba Rao (2001)
inlet
Specific heat of catalyst 1.15kJkgK | Alietal. (1997)
Specific heat of steam 2.15 kJkg K Blasetti et a. (1997)
Mass flow rate of steam 1.33kgls Blasetti et €. (1997)
Feed temperature at the riser inlet 494 K Ali et a. (1997)
Latent heat of feed vaporization 96 kJkg Gupta and Subba Rao (2001)
Catalyst Particle density 1200 kg/m® Gupta and Subba Rao (2001)
Catalyst particle diameter 75 um Gupta and Subba Rao (2001)
Specific gravity of feed 0.9292 g/cm® | Pekediz et al. (1997)
Cluster diameter 6 mm Fligner et al. (1994)
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Table 4.2; Plant Data used for simulation of riser reactor

Ali et al. (1997) Derouin et al. Theologous and
(1997) Markatos (1993)
(Case study — 1) (Case study — 2) (Case study - 3)
Riser height 33m (32m) 50 m
Riser diameter 0.8m 1.0m 124 m
Riser pressure 2.9 atm 3.15atm (2.9 atm)
Catalyst 960 K (960) K 1025 K
Temperature
Feed rate 20 kg/s 85 kg/s 17.5kgls
Feed temperature 496 K 650 K 568 K
C/Oratio 7.2 5.53 8.0

"Literature data
Data given in the parentheses are those used in the present work in place of data
either not reported or reported in ranges.

4.1.1 Case study 1

Industrial FCC plant data reported by Ali et al. (1997), presented in Table 4.2
was used in this case study. In this case five industrial data at the riser outlet —
gasoline yield, gas yield, unconverted hydrocarbon, coke yield, and riser outlet
temperature — are availabl e to tune the simulator.

Model tuning was done by adjusting six tunable parameters in such a way that
the sum of errors (i.e., sum of absolute value of deviation in the predicted and actual
values of product yield and temperature at riser outlet in case of Ali et al., 1997 and at
different riser heights in cases of Theologos and Markatos, 1993 and Derouin et al.,
1997) is minimum. Since riser reactor model is highly nonlinear and very sensitive to
the tuning parameters, techniques like “multivariate Newton-Raphson” or “method of
steepest descent” cannot be used. Therefore, six tuning parameters (11, T, 13, T4, Ts,
and 1) were determined by line-search technique followed by golden-section method.
In this technique, initial guesses of al six tuning parameters are required just like
those required in Newton-Raphson or steepest descent methods. To estimate the
optimal value of these parameters, in the present iterative method, one parameter was
varied at a time (keeping other five constant). For the sake of clarity, let us take the
example of varying t; keeping 12, t3, 14, 15, and 16 unchanged. Starting with the initial
value, a line-search for t; was made, i.e., 11 was changed (increased or decreased) in
constant small steps till the sum of errors continues to decrease. When the sum of
error ceases to decrease by further step change in 11, it means the minimum value of
sum of errors (that could be achieved by keeping other five parameters fixed at their
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present value) is lying between the last and last-but-two value of t; obtained during
line-search. These two values of t; were then used for further fine-tuning of its value
by determining the minima of sum of errors using the method of golden-section
(Mathews, 1998). The method of golden-section is used to find minima almost in the
same way as method of bisection is used for finding zero (or root) of a nonlinear
equation. After finding this new value of t;, the same procedure of line search and
golden-section was adopted for finding a new value of other tuning parameter, say t,
keeping new value of 11, and old initial value of 13, 14, 15, and 16 unchanged.

The above procedure of line-search and golden-section was repeated several
times for all tunable parameters in a cyclic way, i.e., after determining new value of
all parameters (starting from t; and ending at 1) in one round, other round of iteration
was started once again from t; with all previous values of tunable parameters replaced
by new values. This cyclic process of iteration continued till the reduction in sum of
errors in one round became insignificant.

Since the system of equations under consideration is highly nonlinear, there
was always a chance of divergence of the iterations instead of convergence.
Therefore, on-line graphical observations of reported and predicted data were made
amost after every iteration. In case of divergence, step size of line search was
reduced.

The simulator results, yield pattern and temperature profile, are compared with
the industrial data at the riser outlet in Fig. 4.1 and 4.2, respectively. The values of six
tuning parameters obtained are 1,=0.0, 1,=17.0, 13=0.009, 14,=0.01, t5=1540, 16=0.43.
Fig. 4.2 indicates, as the hydrocarbons and catalyst mixture travel upwards the
temperature inside the FCC riser reactor decreases because of the endothermic
cracking reactions. The catalyst temperature at the inlet of the riser (960 K) falls
sharply to 880 K because sensible heat of catalyst coming from the regenerator is
utilized in providing heat for raising the sensible heat of the feed, for vaporizing the
feed, and for further heating of the vaporized feed. Afterwards, within first 10 m
height inside the riser reactor the temperature drops from 880 K to 790 K. As most of
the cracking takes place within first 10 m of the riser height. The temperature at the
outlet of the riser is 775° K (Fig. 4.2). The decrease in reaction mixture’s temperature
and catalyst activity along the riser height cause a decline in the reaction rate hence

the temperature gradient falls appreciably with the increasing riser height.
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72



1000

— Model prediction
® Plant data (Source: Ali et al., 1997)
950 —
<
g
= 900
s
o}
o
S
S 850
o}
5
o
800 —
750 —— T T T T T T

0 5 10 15 20 25 30
Riser height (m)

Fig. 4.2: Axial temperature profilealong theriser height

73

35



Sensitivity analysis:

Sensitivity analysis of these tuning parameters is presented in Fig. 4.3 to Fig.
4.5. Sengitivity analysis is the process of varying the tuning parameters over a wide
range about the mean value and recording the relative change in predicted gas,
gasoline, and coke yields (Fig. 4.3, 4.4, and 4.5). The sengitivity of one tuning
parameter relative to other is also demonstrated in these figures. Such anaysis is
useful in cases when the experimental data are few in number and statistical analysis
can not be applied to predict confidence interval. A detailed discussion about the
sensitivity analysis is given by Saltelli et a., (2000). Fig. 4.3 to 4.5 show that in the
proposed model, gas yield, and coke yield, are strong functions of 1,, 15 and 16, and
gasoline yield is very sensitive to 15 and 1 and moderately sensitive to t,, and t3
whereas, 14 is almost insensitive parameter. It is evident from these figures that t4 has

virtually no effect on any product yield. This indicates that the frequency factor (k,; )

is independent of molecular weight. Also, the value of tuning parameter 1, is zero.
Therefore only four tuning parameters may be used to tune the model, with t, = 0, and
14= 0. Hence for all the subsequent simulations only four tuning parameters are used.
As s evident from Fig. 4.3 to 4.5, the product yields are very sensitive to the
tuning parameters’ values. Therefore, only small step intervals were used to change
these tuning parameters while iterating for convergence of the program. Also, the
tolerance of the line-search was kept of the order of 0.01% of the tuning parameter’s

value to avoid the program becoming unstable.

Case study 1 with four tuning parameters:

The results for case study 1 using the four tuning parameters are presented in
Fig. 4.6 to Fig. 4.9. The values of the four tuning parameters are 1,=17.0, t3=0.009,
15=1540, and 16=0.43. The product yields profiles given in Fig 4.1 and Fig. 4.6
matches very closely. Also, the temperature profiles obtained in Fig. 4.2 and 4.7 are
Similar.

The activity of the catalyst also decreases rapidly as byproduct (coke) of the
cracking reactions gets deposited on the catalyst surface (Fig.4.8). Figure 4.9 shows
an initial decline in the gas velocity which can be attributed to the combined effect of
the initial sharp rate of decrease in the mass of the hydrocarbons (hydrocarbons

converting to coke) and the sharp rate of increase in the available areafor gas flow .
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Also, high values of dip factor (ratio of gas velocity to cluster velocity) are
predicted in riser entry zone which gradually decreases aong with riser height and
finally reaches 1.8 (Fig. 4.9). Catalyst volume fraction falls from about 0.5 to 0.1 in
first few meters of riser height (Fig. 4.10). This sharp decline can be attributed to the
fact that the most of the cracking takes place within first few meters of the riser height
which causes a considerable increase in the volume of the gas thereby sharply
increasing the gas holdup fraction in this region. Furthermore, it is clear from Fig.
4.10 that the effect of initial catalyst volume fraction (1) has negligible effect on the
catalyst volume fraction along the riser height, as the lines for a dense bed at the riser
bottom (6., = 0.5) and for arelatively lean bed (6., = 0.3) coincide.

Since plant data for the product yields were available at the riser outlet only,
few more comparisons were made in subsequent case studies. Even without changing
the values of tuning parameters the results of the simulation were encouraging.
However, for better comparison, the tuning parameters were adjusted further in both

the following case studies.

4.1.2 Case study 2

In this case FCC plant data (Table 4.2) reported by Derouin et al. (1997) was
used to compare the simulator predictions. The authors have reported the product data
for gasoline yield and conversion at different positions along the riser height (Fig.
4.11). Theresults of simulation with 1, =17.0, 13 = 0.035, 15 = 1540, and 15 = 0.43,
are presented in Fig. 4.11. Model prediction for the gasoline along the riser height
matches satisfactorily with the plant data.

4.1.3 Case study 3

The objective of this case study is to compare the results from the present
work with other model based on rigorous transport equations. Riser operating
conditions given in Table 4.2 (Theologos and Markatos, 1993) were used for the
simulation. A comparison of the gasoline yield from the model presented in this work,
with the gasoline yield from 3-D, two-phase-flow, heat transfer and reaction model of
Theologos and Markatos (1993) is made. Only two tuning parameters t; and ts were

changed appreciably.
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The final values of the tuning parameters were 1, =13.0, 13 =0.0008, 15 =1540,
and t6=0.4. Comparison of results predicted by present approach and those reported
by Theologos and Markatos (1993) isgivenin Fig. 4.12.

4.1.4 Effect of C/O ratio

Effects of changing catalyst to oil ratio (C/O ratio) on gasoline and coke yields
and riser temperature as predicted by the simulator are discussed. Riser dimensions
and operating parameters were taken as those of case study-1 (Ali et a., 1997) for this
simulation.

The gasoline yield increases with the increasing C/O ratio however, the rate of
increase in the gasoline yield decreases at higher values of C/O ratio (Fig. 4.13). This
can be attributed to the fact that at substantially high catalyst concentration cracking
of pseudo components in the gasoline range (known as secondary cracking reactions)
also increases which causes a decrease in the rate of increase of gasoline yield with
C/O ratio. On the other hand, the increasing C/O ratio leads to increase in catalyst
concentration, and hence increase in rate of both primary and secondary cracking.
This increases overall number of moles cracked on the catalyst surface and hence
increases amount of coke deposited on the catalyst. The riser temperature increases
with the increasing C/O ratio as more heat is brought in by the hot regenerated
catalyst (Fig.4.14).
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4.2 Regenerator Simulation

Regenerator is simulated using the plant data given in Table 4.3 reported by
Ali et al. (1997). The values of other parameters used in the simulation are listed in
Table 4.4. Details of the smulation technique are already discussed in Section 3.3.

The results of the simulation are shown in Table 4.5.

Table 4.3: Industrial data for the regenerator reported by Ali et al. (1997)

Regenerator diameter (m) 5.8
Regenerator height (m) 11
Catalyst flow rate (kg/s) 144
Air flow rate (kg/s) 16
Catalyst hold up (kg) 70000
Pressure (atm) 29
Catalyst (spent) inlet temp. (K) 795
Coke on spent catalyst (kg coke/kg catalyst) 0.0081
Air inlet temperature (K) 378

Table 4.4: Parametersused for the simulation of regener ator

MWcoke, Molecular weight of coke (kg/kmol)

12.0 (Arbel et al., 1995)

Bco, Preexponent constant in B expression

9.53x10™ (Arbel et al., 1995)

Ko, Preexponent constant in ke, [1/(atm g]]

1.069x10° (Arbel et al., 1995)

K3c0, Preexponent constant in kac
[kmol CO/(kg catalyst atm? s)]

116.68 (Arbel et ., 1995)

K 3no, Preexponent constant in ks, [kmol CO/(m® am? s)]

5.064x10™ (Arbel et al., 1995)

Eg, Activation energy for CO,/CO ratio at the surface
[E/R, %K]

5585.0 (Arbel et al., 1995)

E., Activation energy for coke combustion [E/R, °K]

18889 (Arbel et al., 1995)

Es., Activation energy for catalytic CO combustion
[E/R, K]

13889 (Arbel et al., 1995)

Ean, Activation energy for homogeneous CO combustion
[E/R, °K]

35556 (Arbel et al., 1995)

Xpt, relative catalytic CO combustion rate

0.5 (Gupta and Subba Rao, 2003)

Table 4.5: Comparison of the regenerator model predictionswith the plant data

reported by Ali et al. (1997)

Model prediction | Plant data
Regenerator temperature (K) 975.8 960
Coke on regenerated catalyst (kg coke’kg 0.0037 -
catalyst)
CO (mol%) 5.24 -
CO, (Mol %) 17.83 17.7
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4.3 FCC Unit’s Simulation

At a given steady state all the heat generated in the regenerator will be
consumed in the riser reactor and the coke generated in the riser reactor will be
consumed in the regenerator. For ssimulating the FCC unit a steady state base case
with exact heat balance and coke balance between the riser reactor and regenerator
was established. The coke on the regenerated catalyst (Crqc) Was assumed to be 0.001
kg/kg of catalyst (Gupta and Subba Rao, 2003). All simulations of the FCC unit were
done using this value of the coke on regenerated catalyst so that the desired level of
temperature in the regenerator can be obtained.

The steady state base case was established using the data reported by Ali et al.
(1997). The value of the coke on regenerated catalyst (0.1% by wt.) was achieved by
adjusting the mass flow rate of the air at 20.2 kg/s. For the first iteration of FCC unit’s
simulation the coke on regenerated catalyst is assumed as 0.1% by weight and
regenerator temperature is assumed at 1020 K. The output from the riser program, the
coke yield at the riser outlet (calculated as kg coke/kg catalyst) along with the stripper
temperature, was given as input to the regenerator program which in turn gave the
new value of the regenerator temperature for the 0.1% by weight of coke on the
regenerated catalyst (this value of coke on regenerated catalyst was achieved by
adjusting the air flow rate to the regenerator). The new value of the regenerator
temperature was used as input to the riser program for the next iteration. A difference
of 1 K in the previous and new value of the regenerator temperature was used as the
convergence criterion for the simulation.

The steady state simulation results are presented in graphical form. The
products’ yields and conversion at steady state is shown in Fig. 4.15 aong with the
plant data. The steady state riser temperature profile is shownin Fig. 4.16. Riser outlet
temperature is 808 K as against plant data of 795 K. The gasoline, gas, and coke
yields continue to increase with the increase in C/O ratio (Fig.4.17 and 4.18). The
increase in coke yield with increasing C/O ratio increases the delta coke (coke on
spent catalyst-coke on regenerated catalyst), which for a fixed value of coke on
regenerated catalyst (0.1% by wt) increases the regenerator temperature (Fig. 4.19).
The increased regenerator temperature increases the temperature at the riser inlet
which in turn increases the products’ yields by promoting the cracking reactions’

rates.
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Despite the fact that the higher riser temperature promotes secondary cracking
reactions, the net gasoline yield from the riser continue to increase with the increasing
C/O ratio (Fig. 4.17). The coke on spent catalyst keeps on decreasing with the
increasing C/O ratio as the mass flow rate of the catalyst keeps on increasing with the
increasing C/O ratio (Fig. 4.20). The gas yield is increasing with the increasing C/O
ratio due to the overcracking (Fig. 4.18).

After setting the base case for the FCC simulation, the plant data reported by
Ali and Rohani (1997) for the simulation of FCC unit was compared with the model
results for all the four cases reported by them. Table 4.6 shows the plant data’s
comparison with the simulator’s predictions. The simulation results obtained for these
cases are quite satisfactory.

Effect of air flow rate on the FCC unit performance was a so investigated (Fig.
4.21 & 4.22). These figures show that at low air flow rates the coke on regenerated
catalyst will be more asless air is available for combustion of coke in the regenerator.
This will give lower temperature of the regenerator and the temperature at the riser
outlet will also be less. With increasing air flow rate, the regenerator temperature and
riser outlet temperature will keep on increasing till a maximum in these values is
attained when there will be just sufficient air to burn all the coke produced in the riser
and to convert all CO to CO; in the regenerator. After this maximum of regenerator
temperature and riser outlet temperature, any further increase in the air flow rate will
decrease the regenerator temperature by taking out heat with the exhaust gases
without actually producing any heat through combustion. Decrease in the regenerator
temperature will also cause a decline in the riser outlet temperature. The simulation
predictions are in agreement with that of Han et al. (2000) for the steady state

response to changesin air flow rate.
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Table 4.6: Steady state simulation results comparison with plant datareported by Ali and Rohani (1997)

Case1l Case 2 Case3 Case4
Feed rate (kg/s) 25.70 26.93 23.61 19.95
Feed quality (API) 21.76 22.98 22.73 22.28
Cat/Oil ratio 6.33 5.43 6.07 7.24
Riser reactor:

model result | Plant data | model result | Plant data | model result | Plant data | model result | Plant data
Gasolineyield (wt%) | 41.32 (12%) | 46.90 38.4(10.47) | 42.79 40.76(2.44) | 41.78 44.05(0.39) | 43.88
Cokeyield (wt%) 6.42 534 5.60 5.43 6.26 5.69 7.41 5.83
Outlet temperature (K) | 792 808 770 805 789 806 819 795
Regenerator:
Temperature (K) 1008 1033 991 1004 1008 1006 1034 960

100




Chapter - 5

CONCLUSIONS AND RECOMMENDATIONS

In the present research work a new technique for modeling the FCC riser has been

developed. The model incorporated a more realistic kinetic scheme for the cracking

reactions and a new correlation to evaluate Arrhenius type reaction rate constants.

5.1 Conclusions

The proposed model is unique as it considers cracking reaction in true sense.
Earlier models were based on conversion reaction and not on cracking reaction
mechanism. Also, the proposed model is ‘generic model’ and need not to be tuned

by finding rate constants by regression analysis.

Many researchers who have used the kinetic constants reported in literature have
also advocated the use of tuning parameters for closely matching the model
results with the plant data. In the proposed modeling approach, however, the
introduced tuning parameters have not only done away the need of using the
kinetic constants from the literature (which themselves are not valid for different
feedstocks, catalysts, and FCC operating conditions) but also have given freedom
for matching the model results with the plant data.

Originally six tuning parameters were introduced in the model. However, two of
them approached to zero indicating that the frequency factor is independent of the
molecular weight of cracking component and that the cracking of a component is

independent of molecular weights of the product components.

The four tunable parameters obtained for calculating rate constants seems to be
stable. The stability of these parameters is also proved by the product yield
pattern, yield profiles along the riser, and the simulation results of the entire FCC

unit for variable air flow rates and C/O ratio.
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Significant variation in numerical values of a few tuning parameters (particularly
1, and t3) for different case studies may be due to different characteristics of the

feedstock and operating conditions.

The proposed model is capable of predicting overall conversion, products yields,
riser temperature, catalyst activity, catalyst velocity, and gas velocity along the
riser height. The model predictions are in good agreement with the industrial data
reported in the literature and the data predicted by other researchers.

5.2 Recommendations

The proposed kinetic scheme can be used for more advanced studies of the FCC
riser modeling as this scheme facilitates the use of more detailed kinetic scheme
(any no. of pseudocomponents) for the study of heat and mass transfer effects,
adsorption effects, and detailed hydrodynamics.

The proposed scheme can be perfected in future work after performing more and
more experiment (may be in different laboratories) to establish a relation between
the proposed tunable parameters and characterization factor, catalyst activity, etc.
A study to correlate feedstock characteristics and other product properties and
selectivity is also required.

The present study incorporates a one dimensional riser hydrodynamics model.
There is evidence in the literature that conversion can vary quite substantially
along the riser radius due to the wall effect on the catalyst distribution along the
riser radius. Therefore, the proposed new kinetic model can be used with a two
dimensional hydrodynamic model to predict the effect of radial catalyst
distribution on the conversion and yields.
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Appendix 1

Petroleum fractions are mixtures of innumerable components which are difficult
to be identified individually. However, Watson characterization factor can be treated as
an approximate indicator of the various groups of compounds (such as paraffin, olefin,
naphthene, aromatic, etc) present in the petroleum fraction. Watson and Nelson (1933)
made a remarkable observation that the factor Kw (=T,Y*/sg), known as Watson
characterization factor, is closer to 12 for paraffins and olefins, approximately 10 for
aromatics, and between 11 and 12 for naphthenes when the normal boiling point of the
component Ty, isin Rankin and sg is the specific gravity at 60°/60°F. The characterization
factor of the mixture of hydrocarbons is given by Kw=MeABP"%/sg, where MeABP is the
mean average boiling point of the mixture (APl Data Book, Chapter 2, Characterization
of Hydrocarbons, 1976). Using this, Miquel and Castells (1993) proposed a method along
with a computer program (Miquel and Castells, 1994) that can represent an oil fraction by
an equivalent mixture of smal number of hypothetica components or
pseudocomponents. To use this approach atmospheric true boiling point (TBP)
distillation curve and the entire fraction density is required. This method assumes that if
the difference in final boiling point (FBP) and initial boiling point (IBP) of a petroleum
fraction is not too high (i.e., <300 K) then the Watson characterization factor of any
narrow-boiling fraction of this mixture (boiling range between 15 to 25 K) remains equal
to that of original fraction.

In the present case, due to unavailability of TBP curve for the FCC feed,
simulated digtillation (SD) curve reported by Pekediz et a. (1997) was used. The SD
curve was first converted to ASTM-D86 curve and then to TBP curve by the correlation
proposed by Daubert (1994). The two-step conversion of SD datato TBP datais givenin
Table A1-1. To generate pseudocomponents, the TBP curve of the feed was divided into
twelve parts, out of which four were of 5 volume% each and eight of 10 volume% each
(shown as vertical bars in Fig.Al-1). These vertica bars represent twelve
pseudocomponents of the feed. The boiling point of each individual pseudocomponent

was determined by area-averaging of the TBP curve (clearly visible in Fig.A1-1).
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Considering constant Watson characterization factor, specific gravity of each

pseudocomponent was determined by the equation
-I-l/ 3

sy :1.21644£— (Where Ty isin K)
W

Table Al1-1: Distillation data of hydrocarbon feed (Pekediz et al., 1997)

Vol.% Distilled SD (K) ASTM-D86* (K) TBP* (K)
IBP 532 585.5 558.9
10 wt % 587 615.5 604.3
30 wt % 621 632.8 636.4
50 wt % 650 652.3 665.3
70wt % 683 680.5 700.6
90 Wt % 730 721.4 743.9
FBP 800 756.6 808.1

Density of feed (at 15°C) = 929.20 kg/m®
* Estimated using correlation proposed by Daubert (1994)

Molecular weights of these pseudocomponents were then calculated by the
following equation proposed by Edmister and Lee (1984) which requires knowledge of
boiling point and the specific gravity of a hydrocarbon fraction.

MW = 204.38. (000218 Tp) o(-307-s) 1, 0118 188

Having known values of the volume fraction, boiling point, specific gravity, and
molecular weight, each individual bars of Fig.A1-1 can be treated as a pure component
(of course, hypothetical pure component or pseudocomponent). To make use of the
equations (Al-1) and (Al-2), an iterative method has to be adopted as the value of
Watson characterization factor is not known beforehand. Miquel and Castells (1993;
1994) have explained this iterative approach in detail.

After breaking the FCCU feed into twelve pseudocomponents, and determining the exact
value of Watson characterization  factor, properties of other 31
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pseudocomponents were also determined by using equations (A1-1) and (A1-2). Boiling
points of these 31 pseudocomponents were taken at equal interval between the boiling
point of n-pentane and the boiling point of first pseudocomponent of FCCU feed (570 K
in the present case). The lightest seven components were taken as pure paraffin which are
the maor congtituent of gases. Initially, volume fraction of all these seven pure
components and 31 pseudocomponents, which are not present in feed, were taken zero.
Thus total fifty components (seven pure components and forty three pseudocomponents)
were considered in the present approach for the ssimulation of FCC riser reactor.

After determining normal boiling point, specific gravity, and molecular weight of
all pseudocomponents, heat capacities were determined using the correlations of Kesler
and Lee (1976) and heat of combustion by equation (3.22 to 3.24) (Table A1-2).

Predicted concentrations of pseudocomponents in the product stream are given in
Fig.Al1l-2. Also, various product streams, viz., Gas, Gasoline, LCO, and Residue are

marked on the basis of boiling points.
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Table A1-2: Properties of pseudocomponents
(PC, to PC; are pure components, PCg to PCy
congtitute gasoline fraction; PCy to PC,; constitute
light cycle oail fraction; PC, to PCsy constitute
residual fraction whereas feed contains PCyg to PCx)

Component Component Boiling point | Molecular AHgomp
ID name (°K) weight (k¥/kmol)*

PC, Methane 111.65 16.043 62764.79
PC, Ethane 184.50 30.070 58622.94
PC, Propane 231.09 44.097 51983.86
PC, i-Butane 261.43 58.124 50464.83
PCs n-Butane 272.65 58.124 49960.31
PCq i-Pentane 300.98 72.150 49073.02
PC, n-Pentane 309.21 72.150 48952.84
PCq Pseudocomponent 317.37 88.563 47318.37
PCqy Pseudocomponent 325.54 91.443 47226.62
PCyo Pseudocomponent 333.70 94.402 47137.89
PCy; Pseudocomponent 341.86 97.443 47052.01
PC,» Pseudocomponent 350.03 100.569 46968.81
PC3 Pseudocomponent 358.19 103.781 46888.17
PCy4 Pseudocomponent 366.35 107.083 46809.94
PCy5 Pseudocomponent 374.52 110.478 46734.00
PCys Pseudocomponent 382.68 113.969 46660.24
PC,; Pseudocomponent 390.84 117.558 46588.54
PC5 Pseudocomponent 399.01 121.249 46517.73
PCq Pseudocomponent 407.17 125.045 46445.89
PCy Pseudocomponent 415.33 128.948 46373.59
PC», Pseudocomponent 423.50 132.964 46300.89
PC,, Pseudocomponent 431.66 137.094 46227.80
PC,;3 Pseudocomponent 439.83 141.343 46154.34
PC,, Pseudocomponent 447.99 145.713 46080.57
PC,s Pseudocomponent 456.15 150.210 46006.47
PCy Pseudocomponent 464.32 154.835 45932.07
PC,, Pseudocomponent 472.48 159.595 45857.39
PCyg Pseudocomponent 480.64 164.491 45782.42
PCy Pseudocomponent 488.81 169.530 45707.18
PCy Pseudocomponent 496.97 174.714 45631.67
PCs; Pseudocomponent 505.13 180.049 45555.89
PC,, Pseudocomponent 513.30 185.538 45479.85
PCs3 Pseudocomponent 521.46 191.187 45403.53
PCs, Pseudocomponent 529.62 197.000 45326.93
PCys Pseudocomponent 537.79 202.982 45250.05
PCy Pseudocomponent 545.95 209.138 45172.88
PC,; Pseudocomponent 554.11 215.474 45095.39
PCss Pseudocomponent 562.28 221.995 45017.59
PCy Pseudocomponent 570.44 228.706 44939.46
PC, Pseudocomponent 593.12 248.399 44720.49
PC,, Pseudocomponent 612.48 266.496 44531.20
PC,, Pseudocomponent 628.50 282.446 44353.16
PCy3 Pseudocomponent 643.76 298.497 44187.51
PC,, Pseudocomponent 658.25 314.565 44034.96
PC,s5 Pseudocomponent 674.30 333.352 43871.15
PCyg Pseudocomponent 691.91 355.231 43697.31
PC,; Pseudocomponent 711.55 381.318 43510.14
PCg Pseudocomponent 733.25 412.311 43311.36
PC, Pseudocomponent 760.13 454,185 43075.64
PCx Pseudocomponent 792.20 509.673 42808.56

* Heat of combustion values are calculated by using equations (3.22), (3.23), and (3.24)
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